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Abstract 

From available renewable energy, biomass is the most abundant and promising resource of 

renewable energy which is environmental friendly. From biomass conversion methods to useful 

energy, gasification is an adequate technology. The mathematical modeling of biomass 

gasification in bubbling fluidized bed can be used to predict syngas composition and optimize the 

operational condition as well as gasifier design, which is a cost-saving option and viable routine. 

However, the kinetic modeling of biomass gasification is at early phase. With this regard, the aim 

of this study is to develop kinetic model based on two-phase fluidization theory, which is 

comprised of reaction kinetics, bed hydrodynamic parameters, diffusion effect, and species 

transport equations. Furthermore, the thermal cracking of tar was integrated into the model to 

increase the prediction accuracy of the model and to address the gap in knowledge. 

In this study, the transient kinetic modeling of biomass gasification in bubbling fluidized bed 

gasifiers and optimization methods to maximize gasification products were developed. The model 

was coded in Matlab and simulated. The result depicts good agreement with experimental work in 

literature. The sensitivity analysis carried out and the effect of temperature from 650oC-850oC and 

steam to biomass ratio (S/B) from 0.1-2 investigated. The result depicts the increase in temperature 

and S/B promotes H2 production and reduces CO and CH4. Furthermore, the regression model was 

carried out for temperature and S/B variation in Design-Expert. The surface response is 

constructed from the regression model and the mutual effect of temperature and S/B on gasification 

product and heating value investigated. Besides, the desirability function is employed to optimize 

gasification product and heating value. The maximum gasification product yield was at 827.866oC 

and 0.1 S/B in investigated range. The response predicted by desirability function at this optimum 

operational conditions is 30.096%, 44.07%, 13.20%, 12.90%, 14.035 (MJ/Nm3), and 14.536 

(MJ/Nm3) for H2, CO, CO2, CH4, LHV, and HHV respectively. 

Keywords:  Biomass gasification, Fluidized bed, Kinetic Modeling, Response surface, 

Optimization 
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Chapter 1 

1. Introduction 

1.1 Overview  

The development of nations is known to go along with an increase in growing energy needs. 

Globally, energy consumption increases by one-third over the next 25 years, according to the 

recent scenario of  the world energy outlook 2018 report [1]. The major source of world energy 

sources is coal, petroleum oil, natural gas, crude oil, and other conventional fossil fuels. Currently, 

about 81.4% of the world’s energy requirements are supplied by fossil fuels, 9.7% is derived from 

biomass, 4.9% is supplied by nuclear, 2.5% is contributed by hydroelectric and geothermal, and 

solar and wind energy accounts for 1.5% [2]. From available energies, the use of fossil fuel to 

produce energy has a negative environmental, political and social impact, and generates 

greenhouse gases (GHG) which are destructive and toxic to living beings, as well as detrimental 

to the constructed environment and heritage [3]. Besides, the price of these conventional sources 

of energy keeps increasing from day to day due to an increase in demand and fear of their depletion. 

Therefore, taking into account the serious environmental and anthropogenic problems of fossil 

fuels, finding other renewable and environmentally friendly sources of energy is significant. 

Furthermore, the resources of fossil fuel are not uniformly distributed  around the globe, which 

makes many countries highly dependent on the import and/or finding for alternative solutions [4, 

5]. 

To reduce the GHG emission of fossil fuel and alleviate the energy shortage problem, the European 

Commission enforces regulations towards 20% renewable energy usage by 2020 [6]. Following 

this, world researchers are diverting their attention towards the development of clean energy 

resources (solar, biomass, and wind) technology for their use in current and new power plants than 

ever before due to several reasons. Some of these reasons include energy security and availability, 

reduction of greenhouse gas emissions to provide a cleaner environment for better health, and plant 

and animal life [7]. Hence, to meet the requirements of the world, researchers are finding for the 

development of alternative and sustainable energy technologies. Among renewable energy 

solutions, biomass is one of the best forms of clean and green fuel that can meet day-to-day energy 

requirements [8].  
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Biomass is denoted as a group of organic materials that can be transformed into energy, considered 

as a potential renewable energy source, and accounts for over 70% of renewable energy production 

and 10% of world energy supply [9]. Biomass is the third primary energy source after coal and 

hydrocarbons. It covers a wide range of materials from lignocellulosic sources to forestry and 

agriculture residues and industrial solid wastes [10]. From all biomass, lignocellulosic biomass is 

the most abundant material and feasible option for bioenergy production, such as sugarcane 

bagasse, wood product, and others.   

1.2 World energy demand and consumption 

The total world energy consumption is rising each year and is projected to increase by nearly 50% 

between 2018 and 2050, expected to be 911 quadrillion British thermal units (Btu) in 2050. The 

energy demand in 2050 is estimated to be 287 quadrillions Btu for Organization for Economic Co-

operation and Development (OECD) countries and 624 quadrillions Btu for non-OECD countries 

[11]. Figure 1.1 shows historical and projected energy consumption by non-OECD countries.  Due 

to strong economic growth, increased access to marketed energy, and rapid population growth in 

non-OECD, most of the energy demand is expected to originate from them. It has been estimated 

that energy consumption in non-OECD countries rises nearly to 70% between 2018 and 2050 while 

in OECD countries increased to 15% [11]. In addition, the energy consumption in non-OECD Asia 

is larger than in any other region in 2018 and is expected to be almost double between 2018 and 

2050.  

 

Figure 1.1  History and predicted energy consumption by non-OECD (Organization for Economic 

Co-operation and Development) in terms of region [11]. 
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Figure 1.2 shows the estimation of world primary energy consumption by energy source for 

different fuels [11]. The use of all primary world energy sources increases with renewable energy 

is the fastest-growing of all. In 2050 estimated to be the renewable energy becomes the world-

leading primary energy source [11]. Globally, renewable and nuclear energy consumption 

increases by 3% and 1% per year respectively between 2018 and 2050. Even now, in a global 

economy shaken deeply by Coronavirus disease-2019 (COVID-19), the demand for fossil fuel 

energy declines, while the demand for renewable energy is estimated to grow slightly. The 

estimation of The International Energy Agency (IEA) shows that the energy demand in 2020 could 

decline for coal (-8%), oil (-9%), natural gas (-5%), and nuclear (-2%), while renewable would 

grow by 1% [12]. However, the world energy outlook estimation of 2019 shows that petroleum 

and other liquid consumption declines from 32% in 2018 to 27% in 2050 [11]. This implies that 

renewable energy is one of the promising energy sources of the future world for the use as energy 

consumption in a different sector. Following this, currently developing and developed countries 

are struggling to engineer novel and innovative clean energy [13]. In this outlook, biomass is 

considered as the most abundant, valuable, and sustainable energy resource. Currently, on planet 

earth, approximately 550 gigatonnes of biomass carbon are available, where 450 gigatonnes of 

carbon is contributed by the plant [13]. 

 

Figure 1.2 Estimation of world primary energy consumption by energy source [11]. 
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1.3 Ethiopia energy demand and consumption 

The primary source of energy in Ethiopia are biomass, petroleum and electricity, which accounts 

for 91%, 7%, and 2% respectively of total energy consumed [14]. In the residential sector, biomass 

energy use accounts for over 98% of the total supply. Besides, the national energy balance is 

dominated by firewood, crop residues, and dung. Due to dependency on biomass fuel for cooking, 

carbon dioxide emissions in Ethiopia have raised from 5.1 million tons in 2005 to 6.5 million tons 

in 2010 [14].  Figure 1.3 shows that Ethiopia’s primary energy demand and Gross Domestic 

Product (GDP) estimation from 2018 to 2040 [15]. Ethiopia planned to increase energy generating 

capacity by 25000 MW by 2030: 22000 MW of hydro; 1000 MW of geothermal; and 2000 MW 

of wind. Currently, the primary energy source of Ethiopia is highly reliant on hydropower and 

plans to increase capacity to 13.5 GW by 2040, which makes Ethiopia the second-largest 

hydropower producer in Africa. However, bioenergy and other low carbon energy source are 

projected to be dominant between 2018 and 2040 [15]. In the African case, in 2030 Ethiopia is 

planned to increase the use of improved and advanced biomass cook-stoves, which are clean 

cooking technology, for 95 million people who are relying on the traditional use of biomass [15].  

 

Figure 1.3 Ethiopia primary energy demand and GDP [15]. 

Generally, the energy demand and consumption of the world are projected to increase from day-

to-day. Hence, to fulfill the energy demand of the world, renewable energy is the best option. 

Renewable energy is clean energy and the most promising of future world energy.  Besides, 

currently in Ethiopia the use of renewable energy is started and under investigation. From all 

renewable energy resource, currently, biomass gasification is under investigation in terms of 
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experiment and theoretical modeling through all over the world. Therefore, this thesis gives shade 

light on the area of biomass gasification modeling. 

1.4 Biomass combustion and gasification 

There are several conversion methods for agricultural waste like sugarcane bagasse, wood product, 

etc. into renewable energy. Those conversion methods are fermentation, combustion, anaerobic 

digestion, supercritical water gasification, and pyrolysis [16]. However, from all the agricultural 

conversion technologies gasification has been considered as the most efficient approach based on 

its advantage of auto-thermal ability, higher calorific value than the combustible gases derived 

from pyrolysis, and high carbon conversion of the syngas [17]. Generally, gasification is a process 

based on five fundamentals steps:-drying, pyrolysis, combustion, cracking, and reduction, and 

these processes are briefly shown in Figure 1.4. Gasification converts biomass into syngas (H2, 

CO, CO2, CH4, and other hydrocarbons), tar, and char in the presence of oxidizing media such as 

air, oxygen, and steam at a high-temperature range ( 700-1000oC) [18]. The syngas obtained from 

gasification used for electric and heat generation and used for combined heat and power 

generation. The quality and distribution of gasification product is rest on gasifier type, type of bed, 

and gasification medium.  

 

Figure 1.4  Gasification process steps [19] 
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Generally, the type of fluidized bed gasifier used for gasification of biomass is later discussed in 

chapter 2 in detail. For this study, a bubbling fluidized bed gasifier was selected because of its 

simplest in construction, costly effectiveness for continuous biomass gasification, flexible to a 

wide range of biomass with various particle sizes including pulverized biomass relative to other 

fluidized bed reactors [20]. 

1.5 Overview of biomass gasification modelling 

Like the case of any thermo-chemical process, biomass gasification could be modeled with two 

main types of phenomenological modeling methods namely; simple equilibrium modeling and 

kinetic modeling [2, 21, 22]. Safarian, et al. [2] showed that roughly 66% of biomass gasification 

modeling is carried out by equilibrium modeling and 34% was done by kinetic modeling. The main 

difference between equilibrium and kinetic modeling was the way of their approach and the 

accuracy of their result relative to experimental values.  

Thermodynamic equilibrium modeling estimates the composition of syngas at the outlet of the 

gasifier based on the assumption, the components react in a fully mixed condition for infinite time 

[23]. The equilibrium model has good applicability to simulate different types of gasifier 

configuration as it is independent of gasifier geometry or design, and simplest, most ideal case, 

general thermodynamic properties can be used for equilibrium modeling and not limited to a 

specified range of operating conditions. In addition, equilibrium modeling is the more convenient 

method to study the general relationship between biomass feedstock, syngas composition, and 

yield. However, thermodynamic equilibrium conditions are not achieved in certain gasifiers like 

fluidized bed gasifiers and for gasifiers operating at low temperatures [2]. For gasifiers operating 

at low temperatures and under continuous feed of feedstock, kinetic modeling was the feasible 

modeling method. 

Kinetic models, on the other hand, are the ability to account for a complicated network of kinetic 

reactions, hydrodynamic constraints to estimate particle concentrations, mass and heat balances, 

and temperature profile along with the geometry of the gasifiers. In addition, kinetic modeling is 

the capability of predicting the composition of product gas under varying conditions, which is 

important for designing, evaluating, and improving the performance of gasifiers. The kinetic 

modeling is specially used if the goal is to optimize and understand the effect of parameters such 
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as feed density, particle size distributions, and reactivity on the outlet gas composition, system 

performance, and carbon conversion [21, 22].  

The progress of modeling biomass gasification reviewed elsewhere [2] showed that kinetic 

modeling of gasification is in its phase. There are much fewer works on kinetic modeling of 

biomass gasification in bubbling fluidized bed. Zheng et al. [24] developed a complex unsteady 

state two-phase kinetic model of bubbling fluidized bed by incorporating reaction kinetics and 

hydrodynamic conditions. In this model, an unreacted core-shrinking model for char gas reactions 

and pyrolysis model considering the effect of the particle size on the pyrolysis products are 

integrated to the developed model. However, the tar formation and cracking is not included in the 

model. Another researcher, Gordillo et al. [25] developed a kinetic model of bubbling fluidized 

bed gasifier assuming one dimensional two-phase under steady-state and dynamic conditions. The 

developed model is based on gasification kinetics, mass, and energy balances, and the model is 

subdivided into fluidized-bed fluid dynamics and thermodynamics for simulation. In this model, 

the tar formation and cracking were neglected. Xiong et al. [26] studied steady state kinetic 

modeling of rice husk gasification process in bubbling fluidized bed. The model comprises 

reaction kinetics and flow hydrodynamics of gasifier bed and developed based on two-phase 

fluidization theory. However, in mass and energy transfer modeling, the mass and energy transfer 

by diffusion between two phases was neglected. Dang, et al. [27] developed biomass gasification 

model in Aspen Plus to predict and optimize a syngas production. In this model, the reaction 

kinetics and hydrodynamic conditions are incorporated to the model by Fortran subroutine. 

However, tar cracking kinetics were not included in the model. From above literature survey, we 

observe that kinetic modeling of biomass gasification process is in its phase. There is no well-

developed model that consider the diffusion effect, reaction kinetics, tar cracking and 

hydrodynamic behavior into kinetic model of fluidized bed. Moreover, the previous study gives 

priority to sensitivity analysis that depends on single parameter investigation. However, the 

sensitivity analysis, which depends on single parameter analysis can extended to various parameter 

simultaneously, which gives a solid information on system performance analysis. In this regard, 

optimization of operating condition and product composition yields using statically analysis 

techniques and optimization methods play a key role in gasification process optimization. 

. 
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1.6 Problem statement  

Now a day, many scholars are working on modeling gasification processes to predict the 

performance of the gasification plant. Modeling gasification involves a very complex 

phenomenon, especially in kinetic modeling. Due to the complex nature of the gasification process, 

in kinetic modeling, many assumptions are taken to simplify the complexity of the modeling. 

These assumptions lead to inaccuracy of model prediction relative to experimental work. 

Following this, the important point must be considered in the kinetic modeling of gasification is 

tar formation and cracking, and diffusion effect. The literature review shows that many scholars 

assume tar formation and cracking are negligible, which leads to errors in the prediction of kinetic 

modeling of gasification.  With this regard, the aim of this study is to develop kinetic model based 

on two-phase fluidization theory, which is comprised of reaction kinetics, bed hydrodynamic 

parameters, diffusion effect, and species transport equations. Furthermore, the thermal cracking of 

tar was integrated into the model to increase the prediction accuracy of the model and to address 

the gap in knowledge. 

1.7 General objective 

The main objective of this research proposal is to develop the kinetic model of the bubbling 

fluidized bed gasifier, validating the prediction of the model with experimental data from a 

literature survey, and optimizing the operating condition. 

1.7.1 Specific objective 

The specific objective of this proposal is listed below. 

 Developing a kinetic model of bubbling fluidized bed biomass gasifier, 

 Simulating the model numerically in Matlab software and validating with experimental 

data from a literature survey, 

 Investigating the influence of operating parameters, such as reactor temperature and steam 

to biomass ratio on syngas, higher heating value and lower heating value of syngas, and 

hydrogen production, and 

 Identifying the optimum operating condition, at which high amount of syngas produced 

from biomass feedstock in bubbling fluidized bed gasifier using Design Expert software. 
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1.8 Scope of the project 

The study in this research focuses on kinetic modeling of bubbling fluidized bed reactor for 

biomass gasification and validating the model prediction with experimental data obtained from a 

literature survey. In addition, the influence of different operating parameters on syngas production 

is studied in detail. After the model prediction was validated, the model used to study sensitivity 

analysis of different parameters of biomass gasification and the optimum operating condition at 

which a high amount of syngas produced in bubbling fluidized bed gasifier. Besides, the model 

developed used to optimize the operating condition in Design Expert software. 

1.9 Significance of the study 

The significance of this research to contribute gap in knowledge on the kinetic modeling of 

gasification is at an early phase and complex phenomenon. In addition, this study of kinetic 

modeling of biomass gasification modeling is significantly important for the industry to use wasted 

biomass efficiently as a renewable energy source to run the plant with syngas. Hence, to obtain 

this syngas fuel efficiently, detailed modeling of the gasification process is important to predict 

and design the performance of the gasification plant. 

1.10 Research questions 

 Identifying the effect of different parameters such as temperature and steam to biomass 

ratio on syngas production, the heating value of syngas, and hydrogen production, and 

 Determining the optimum condition at which a biomass gasifying bubbling fluidized bed 

gasifier can produce maximum syngas product under-investigated conditions. 
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Chapter 2 

2. Literature Review 

2.1 Biomass as renewable energy  

The development of renewable energy systems is crucial to resolve the current climate mitigation 

and its tremendous consequences for humanity.  Also, renewable energy is essential to improve 

the energy supply and promote the live standard of the local population [28]. Biomass will play a 

vital role in this renewable energy development. Biomass can be utilized as an energy source by 

biological or thermal conversion means into a range of useful energy products such as electricity, 

heat, liquid fuels, hydrogen, and synthesis gas. The biomass sources usually come from living 

things like animals or plants, which convert sunlight to bioenergy and sewage bio-solids [29]. The 

comparative advantage of using biomass as a renewable energy source related to the other is its 

potential to substitute fossil-based products like fuels and chemicals. Biomass also has the 

advantage of being natural, concerning greenhouse gas such as carbon dioxide emission [5, 28]. 

2.2 Properties of biomass relevant to gasification 

Due to the complex nature and variability of the original biomass, a better understanding of the 

properties moreover, the structure of the biomass material is important to evaluate their utility as 

feedstock. This section provides an overview of the biomass properties, which are affecting the 

biomass gasification performance and gasification products. 

Aspects related to characteristics of biomass or operating environments influence the gasifier 

performance, as well as syngas compositions.  Biomass aspects involve moisture content, particle 

size, and composition. Furthermore, biomass gasification dependent on operating features such as 

bed types, source of heat supply method, equivalence ratio (ER), gasification agent, and steam to 

biomass ratio (S/B) [30].  

In the gasification of biomass, the use of small particle size feedstock has the advantage of reducing 

the time necessary for heat transfer from the particle's wall to the center which causes fast chemical 

reaction rates [31, 32]. Besides, the use of small particle size feedstock contributes to higher 

hydrogen concentration, lower char and tar yields, and higher total gas yields [32].  This is because 

the composition and the gas yield are dependent on the heating rate of biomass particles. High 

heating rates produce more light gases, tar condensate, and less char.  
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The moisture content in biomass feedstock has a significant effect on the efficiency of gasification 

and syngas composition [33]. The drier biomass feedstock particles give higher gasification 

efficiency, which may increase the hydrogen concentration in the syngas. This characteristic 

occurs because moist fuels in the process reduce the gasifier temperature and slow down 

endothermic reaction by taking part in heat available in the reactor to vaporize water content in the 

feedstock. Furthermore, moisture content can affect the storage, transportation, handling of 

biomass [34]. The storage problem of biomass feedstock will cause decomposition, energy loss, 

and increase in ash content during gasification.  Hence, the preferable feedstock moist content used 

for gasification is about 15 weight percentage [33]. 

2.2.1 Composition of biomass 

Biomass is a complex organic compound. For combustion of biomass, the gross constitute like 

ash, moisture and volatiles, and for thermochemical conversion, its elemental chemical 

combustion is important. Typically, biomass would contain four significant four principal 

elements: hydrogen, oxygen, carbon, and nitrogen and may have a small amount of sulfur and 

chlorine [35]. For the thermal design of like gasification, pyrolysis, torrefaction and other systems, 

proximate composition and ultimate analysis are important.  

2.2.1.1 Proximate analysis 

The proximate analysis provides the gross composition of biomass in terms of volatile matters, ash 

content, and fixed carbon content on a dry basis, which is measured when the fuel to be analyzed 

heated to 950oC [36]. The ash is the inorganic solid residue left after the fuel is totally burned and 

it plays a vital role in biomass utilization. Especially, if ash contains halides such as chlorine or 

alkali metals such as potassium, it leads to serious fouling, corrosion, and agglomeration in boilers 

or gasifiers [35].  Higher heating values (HHV) and the ash are measured based on the full 

combustion of the fuel to CO2 and liquid water [36]. Volatile matters are condensable and 

noncondensable gas components released from biomass when fuel is heated to high temperatures 

such as in gasification and pyrolysis [35]. Typically, for solid fuel biomass, the proximate analysis 

result is given in Table 2.1 show that the volatile matter of solid fuel such as lignite and bituminous 

coal is less than that of biomass fuels and fixed carbon content of them are higher than biomass 

fuels which indicates the easiness of the biomass fuel ignition [33].  
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2.2.1.2 Ultimate analysis 

The ultimate analysis gives the composition of biomass fuel in terms of its basic elementals such 

as carbon, hydrogen, and oxygen as major constitutes, sulfur, and nitrogen as minor constitutes. 

The ultimate analysis of hydrogen and oxygen does not include the hydrogen and oxygen in the 

moisture [35, 36]. Because of this, it is done on a dry basis to element the effect of moisture content. 

The ultimate analysis of selected biomass feedstocks is represented in Table 2.1.  Based on the 

information presented in Table 2.1 the biomass is more oxygenated than coal due to the acid and 

alcoholic groups in the hemicellulose, cellulose, and lignin. The ash content in coal is high 

compared to biomass fuel due to the high amount of fixed carbon content in coal.  

Table 2.1 Proximate and ultimate analyses of different biomass materials compared with 

bituminous coal and lignite 

Sample Proximate analysis (wt.%)  Ultimate analysis (wt.%) Ref. 

 VM FC A  C O H N  

Rice straw 64.3 15.6 20.1  43.0 5.7 1.0 0.2 [29] 

Wheat straw 74.8 18.1 7.1  49.4 43.6 6.1 0.7 [29] 

Walnut shells 59.3 37.9 2.8  49.9 42.4 6.2 1.4 [29] 

Hazelnut shell 69.3 28.3 1.4  52.9 42.7 5.6 1.4 [29] 

Miscanthus grass 81.2 15.8 3.0  49.2 44.2 6.0 0.4 [29] 

Olive wood 79.6 17.2 3.2  49.0 44.9 5.4 0.7 [29] 

Soft wood 70.0 28.1 1.7  52.1 41.0 6.1 0.2 [29] 

Pepper plant 64.7 20.9 14.4  42.2 49.0 5.0 3.2 [29] 

Forest residue 79.9 16.9 3.2  52.7 41.1 5.4 0.7 [29] 

Poplar 85.6 12.3 2.1  51.6 41.7 6.1 0.6 [29] 

Willow 82.5 15.9 1.6  49.8 43.4 6.1 0.1 [29] 

Christmas trees 74.0 20.8 5.2  51.6 36.7 5.6 0.5 [29] 

Rice husk 68.9 11.1 20.0  47.4 45.1 6.7 0.8 [29] 

Cotton husks 78.4 18.2 3.4  50.4 39.8 8.4 1.4 [29] 

Pig moisture 66.1 14.7 19.2  49.3 >38.1 6.8 5.1 [29] 

Bagasse  79.06 18.00 2.94  46.96 5.72 44.05 0.27 [37] 

Bituminous coal 35 45 9  80.9 6.1 9.6 1.55 [38] 

Lignite  29.79 25.08 28.78  37.31 3.3 10.02 0.91 [39] 

Note: FC=Fixed carbon; VM=Volatile matter; A=Ash 
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2.2.2 Heating value 

In addition to ultimate and proximate analysis, the solid fuels of biomass can also be characterized 

by the energy content in the fuels in terms of lower heating value (LHV) and higher heating value 

(HHV) [35]. The HHV is the gross calorific value, which refers to the amount of heat released 

from the combustion of the solid biomass fuel including latent heat of vaporization of water while 

LHV is the net calorific value, which does not include the involvement of the latent of the heat of 

vaporization [36]. The heating values of biomass fuels are affected by the moisture and ash content 

of the fuel. The high content of these two factors lowers the heating value of biomass fuels. The 

HHV of Biomass fuels normally ranges from 17 to 21 MJ/kg [40]. 

2.3 Gasification process 

Biomass and other solid fuel gasification process is a complex process that involves several steps 

as shown in Figure 2.1. The gasification process of biomass   usually involves the reaction belongs 

to various phenomena such as preheating, drying, pyrolysis or devolatilization,  partial combustion 

of some gases, char and vapors, gasification of decomposed products, and ash formation steps. 

Table 2.2 shows the reaction to be considered during the gasification process.  

In biomass fuel gasification, when solid fuel particles introduced to the gasifier, they start to being 

heated and release their moisture content before they go under devolatilization. The 

devolatilization stage thermally decomposes the solid fuel into pyrolysis gases (CO, CO2, H2, and 

CH4), tar, char, and other minor oxygenated compounds such as phenols at elevated temperatures 

(300-650oC) in the absence of the oxidizing agent or with a limited amount. Tar is the organic 

compound that is in the form of vapor at gasification temperature (>400oC) but liquid at room 

temperature. Char is the solid residue. Homogeneous and heterogeneous oxidation reactions take 

place as oxygen or steam encounters combustible volatiles and solid residue (char). The 

combustion reaction of volatiles and char produces carbon dioxide and water. The oxidation of 

char through heterogeneous reaction produces CO and CO2. The heat provided for drying and 

devolatilization of the solid fuel and involved in other reactions is comes from a combustion 

reaction. In the gaseous phase, tar and methane are subjected to steam reforming, generating CO 

and hydrogen. At high temperatures due to thermal cracking, tar can also be decomposed into 

lighter gases such as carbon monoxide, carbon dioxide, hydrogen, and methane. Furthermore, the 

water gas-shift reaction affects the concentration of CO2, H2O, CO and H2. At high temperature 
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(more than 600 °C) char is converted to CO, H2, and CH4 due to heterogeneous reactions with 

CO2, H2O (steam), and H2. 

Biomass Drying Pyrolysis

 Gases:

Liquids:

(tar, oil, 

naptha)

Oxygenated 

compounds: 

(phenols, 

acids)

Solid: 

Char

Gas phase reactions

(cracking, reforming, 

combustion, shift

Char-Gas reactions

(gasification, combustion, shift)

Cracking products

Unconverted carbon

 

Figure 2.1 Reaction sequence and potential paths for gasification [40]. 

The processes of biomass gasification often overlap, there is no clear boundary dividing them. 

From all thermochemical processes, combustion is an exothermic process while drying, pyrolysis 

and gasification are endothermic processes. The heat provided for endothermic processes comes 

from the combustion process in air or oxygen gasification or from an external heat source such as 

steam in steam gasification. The detail of the following processes is discussed in details in the 

following sections. 

2.3.1 Drying 

The moisture content of freshly cut woods ranges from 30% to 60% and it can exceed 90% for the 

same biomass fuels [41]. Drying is the process that occurs when biomass fuel is heated up in which 

the moisture is evaporated, which is shown by Equation (2.1). The drying process is strongly reliant 

on the thermodynamic state and amount of water in the biomass. Drying occurs at a temperature 

range of 100–200oC and reduces the moisture amount of the biomass as low as 5%. In general, the 

moisture content of raw biomass ranges from 5% to 35% [42], whereas most gasification systems 

use dry biomass within the range of 10%-20% [21]. The limited amount of moisture (≤ 40%) in 

the biomass has good quality to produce higher content of hydrogen and carbon monoxide yielding 

and higher lower heating values. Generally, the biomass with more than 30% moisture content 

reduces the lower heating of synthesis gas because of incomplete pyrolysis during gasification [5].  

𝐵𝑖𝑜𝑚𝑎𝑠𝑠𝑤𝑒𝑡 = 𝐵𝑖𝑜𝑚𝑎𝑠𝑠𝑑𝑟𝑦 + 𝐻2𝑂𝑣𝑎𝑝𝑜𝑢𝑟  (2.1) 
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In the gasification, the biomass fuel enters the gasifier receives heat from the hot zone downstream 

and dries by releasing moisture until about 200oC. The biomass fuel’s moisture content has 

significant effect on thermochemical conversion. The increase of moisture content considerably 

increases the consumption of heat required for drying and pyrolysis. Therefore, the moisture 

content of biomass has a significant effect on gasification and pyrolysis product distribution. 

Several researchers [43-45] studied the effect of drying and moisture content on the gasification 

process. In modelling the gasification process, the common practice is coupling drying with the 

pyrolysis process.  

2.3.2 Pyrolysis  

After drying, devitalization or pyrolysis occurs within 125oC and 500oC for biomass or even 700oC 

for coal and derivatives, decomposes the feedstock into liquid tars, gases, and charcoal in the 

absence of oxygen or air. Pyrolysis of solid biomass is in short as shown by Equation (2.2). The 

decomposition of feedstock takes place between the gas-gas phase and gas-solid phase. During the 

gasification process, for below 300oC temperature pyrolysis process, the reaction inside the 

gasifier is sufficient to provide heat. However, when a higher temperature is required pyrolysis to 

occur, external heat is source provided [4, 5]. In devolatilization, the composition of evolved 

products is a function of pressure, gas composition, and temperature. Generally, pyrolysis occurs 

at a fast rate than subsequent gasification reaction. Hence, the gasification reaction is the rate-

controlling step. 

𝐵𝑖𝑜𝑚𝑎𝑠𝑠𝑑𝑟𝑦 = 𝑐ℎ𝑎𝑟 + 𝑉𝑜𝑙𝑎𝑡𝑖𝑙𝑒𝑠 (𝐺𝑎𝑠 + 𝑇𝑎𝑟)  (2.2) 

The biomass pyrolysis mechanism occurring in the first step in the gasification is not clear up to 

present. In the review presented by  Hameed, et al. [46] several kinetic reaction mechanisms are 

proposed by researchers for pyrolysis as a separate process. These reaction mechanisms of 

pyrolysis as demonstrated in Figure 2.2. All of these models assume a constant ratio of char to 

volatiles yield and applicable for low to medium temperature and at low heat rate pyrolysis 

environments [46]. Besides, except for detailed kinetic schemes, most of the kinetic models give 

the product compositions (char, gases, and tar) as lumped, which are not satisfactory to explain the 

complex reactions, occur during biomass devolatilization and formation of hundreds of species. 

Kinetic models typically can be divided as a one-step global kinetic model, models with secondary 

tar cracking, detailed lumped kinetic model, and distributed activation energy model (DAEM) 
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[46]. One-step global kinetic models are which represent the conversion of biomass to pyrolysis 

products (volatiles and char) as a first-order single-step reaction. Different models such as 

Kissenger-Akahir Sunose (KAS), Flynn-Wall-Ozawa (FWO), and Kissenger Model used for 

estimation of kinetic parameters of these models [46]. The limitation of global kinetic models is 

they do not consider the secondary reactions. However, models with secondary tar cracking 

include the decomposition and conversion of tar to char and gases as secondary reactions. In this 

model, active cellulose was the first product of cellulose, which further decomposed to other 

secondary products. The model with secondary tar cracking gives good predictions for product 

yield; however, the determination of activation energy parameter is difficult for this model because 

the composition of active material was unknown. Another kinetic model mechanism used for 

modeling the pyrolysis reaction of biomass is distributed activation energy model. This model 

considers the decomposition of species as a large number of independent parallel reactions with 

different activation energies which are represented by continuous Gaussian distribution functions 

[46]. 

2.3.3 Oxidation process  

In biomass gasification, the heat required for preheating, drying, pyrolysis, and other endothermic 

reaction comes from the exothermic combustion reaction allowed in the gasifier. The exothermic 

reaction was constituted by the oxidation of carbon (char) and hydrogen with a gasifying agent 

such as air, oxygen, steam, or a mixture of them. When the gasifier is supplied with excess oxygen, 

the thermochemical conversion becomes complete combustion, which results in carbon dioxide 

(as in reaction R5 shown in Table 2.2). However, partial oxidation of carbon is occurring and result 

in carbon monoxide, while oxygen is supplied with sub-stoichiometric quantities (as in reaction 

R4 shown in Table 2.2). Besides, hydrogen present in biomass is oxidized with oxygen to generate 

steam (as in reaction R8 shown in Table 2.2).  

2.3.4 Gasification reactions  

Gasification reaction is the last step of the gasification process, which results in gas yield and gas 

composition. The gasification reaction takes a longer time than pyrolysis decomposition. Some of 

the gasification reactions are endothermic and the remaining are exothermic. The modeling of 

gasifier relies on char reaction modeling and its intermediate products such as CO and CH4. The 

reactions that occurs in gasifier are classified as Boudouard reaction, Methanation reaction, Water-
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gas reaction, Water-Gas Shift reaction, and Steam Methane Reforming reaction. Typical 

gasification reactions are shown in Table 2.2. 

 

Figure 2.2 Various kinetic models for simulation of pyrolysis process: (a) Competitive reactions 

model, (b) Mechanism with secondary interactions between charcoal and volatiles, (c) Detailed 

lumped kinetic model and (d) Detailed lumped kinetic model [47].  

2.4 Types of gasifiers 

For more than a century, the design of gasification reactor has been an area of research, resulted 

in a variety of available designs for both small and large scales [48]. There are several ways to 

classify the gasifier based on the gasification agent (air-blown gasifiers, oxygen gasifiers, and 

steam gasifiers), heat source (auto-thermal and allothermal), gasifier pressure (atmospheric or 

pressurized), and reactor design (fixed bed, fluidized bed, and entrained flow) [49]. However, in 

this section, the only gasifier based on heat source and reactor design classification is discussed.  

Based on the heat source of gasification, gasifiers can be classified as auto-thermal and allothermal 

gasifiers. In the auto-thermal (direct) gasification, the necessary heat provided for the gasification 

process was provided by partial oxidation, which is an exothermic reaction between gasifying 

agents (air, oxygen, or mixture of them with steam) and carbonaceous feedstocks. When air is used 
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as oxidant, the produced syngas lower heating value is about 4-7 MJ/Nm3, which is suitable for 

boiler, turbine, and engine application. The lower heating value of the product gas can be increased 

to 12-28 MJ/Nm3 by using oxygen as an oxidant, which is suitable for synthesis of gas to methanol 

and liquid biofuels. However, using oxygen as an oxidant increase the operating costs due to the 

oxygen production cost.  Allothermal (indirect) gasification uses steam as a gasifying agent and 

the heat required for gasification was supplied from hotbed material, external heat transfer media, 

internal recirculation of hot gas or char. Allothermal gasification produces gas of medium heating 

value (10-18 MJ/Nm3) and rich in hydrogen [34, 48]. 

Table 2.2 Typical Gasification Reactions (Heat of reaction refers to 25°C) [21] 

Reaction type  Reaction  

Carbon reactions 

R1(Boudouard) 𝐶 + 𝐶𝑂2 ↔ 2𝐶𝑂 + 172 𝑘𝐽/𝑚𝑜𝑙 

R2 (water–gas or steam) 𝐶 + 𝐻2𝑂 ↔ 𝐶𝑂 + 𝐻2 + 131 𝑘𝐽/𝑚𝑜𝑙 

R3 (hydrogasification) 𝐶 + 2𝐻2 ↔ 𝐶𝐻4 − 74.8 𝑘𝐽/𝑚𝑜𝑙 

R4 𝐶 + 1/2𝑂2 ↔ 𝐶𝑂 − 111 𝑘𝐽/𝑚𝑜𝑙 

Oxidation reactions 

R5 𝐶 + 𝑂2 ↔ 𝐶𝑂2 − 394 𝑘𝐽/𝑚𝑜𝑙 

R6 𝐶𝑂 + 1/2𝑂2 ↔ 𝐶𝑂2 − 284 𝑘𝐽/𝑚𝑜𝑙 

R7 𝐶𝐻4 + 2𝑂2 ↔ 𝐶𝑂2 + 2𝐻2𝑂 − 803𝑘𝐽/𝑚𝑜𝑙 

R8 𝐻2 + 1/2𝑂2 ↔ 𝐻2𝑂 − 242 𝑘𝐽/𝑚𝑜𝑙 

Shift reaction 

R9 𝐶𝑂 + 𝐻2𝑂 ↔ 𝐶𝑂2 + 𝐻2 − 41.2 𝑘𝐽/𝑚𝑜𝑙 

Methanation reactions  

R10 2𝐶𝑂 + 2𝐻2 → 𝐶𝐻4 + 𝐶𝑂2 − 247 𝑘𝐽/𝑚𝑜𝑙 

R11 𝐶𝑂 + 3𝐻2 ↔ 𝐶𝐻4 + 𝐻2𝑂 − 206 𝑘𝐽/𝑚𝑜𝑙 

R14 𝐶𝑂2 + 4𝐻2 ↔ 𝐶𝐻4 + 2𝐻2𝑂 − 165 𝑘𝐽/𝑚𝑜𝑙 

Steam Reforming reaction 

R12 𝐶𝐻4 + 𝐻2𝑂 ↔ 𝐶𝑂 + 3𝐻2 + 206 𝑘𝐽/𝑚𝑜𝑙 

R13 𝐶𝐻4 + 1/2𝑂2 → 𝐶𝑂 + 2𝐻2 − 36 𝑘𝐽/𝑚𝑜𝑙 
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2.4.1 Fixed bed gasifier 

Fixed bed gasifiers are the oldest type of gasifier, which is simplest for the gasification process 

and historically developed for small-scale application [48]. It is used in small-scale (lower than 10 

MW) industries for thermal applications and decentralized power generation. However, for large-

scale (higher than 10 MW) due to scale-up issues, it loses interest in industrial application [42]. In 

fixed bed gasifiers, the biomass is processed in bulk, fed from the top of the reactor, and flowing 

through drying, devolatilization, reduction, and combustion zone. In the combustion area of fixed 

bed gasifier, high temperatures are attained because of char combustion, which in turn cause the 

ash slagging that have an impact on the reliability of the gasifier [29, 48]. Hence, to prevent slag 

formation, usually it operated at below biomass and bed melting temperatures [34]. The gasifying 

agent/air is provided from different sides according to the configuration of the reactor [48]. Based 

on the configuration, fixed bed gasifier can be classified as downdraft (co-current), updraft 

(counter-current), and cross draft [4, 29, 34, 42, 48] as portrayed in Figure 2.3. 

2.4.1.1 Downdraft (co-current) Gasifier 

In the downdraft (co-current) configuration gasifier, both the biomass and the gasifying agent are 

moving downwards in the same direction in a way, the gas mixture is left out of the reactor at the 

hottest area [29, 34, 42]. In a downdraft gasifier, the biomass feedstock flows through drying, 

devolatilization, combustion, and reduction zone as shown in Figure 2.3 (a). The product gas left 

out of the reactor at a point below the grate of the gasifier through high temperature or char 

combustion area (800-1200oC) where partial cracking of tar is rapid and efficient [34, 42, 48]. 

Hence, the gasifier produces high quality and low tar and particulates content gaseous products 

[34, 42, 49] which encourages a reduction of capital and operational cost needed for gas cleaning 

stages [34]. A co-current gasifier is appropriate for small-scale application such as power 

generation systems [29, 34]. The disadvantage of the co-current gasifier, due to non-uniform heat 

distributions in the oxidation zone and design characteristics, which dependent on biomass particle 

size cannot scaled-up. Besides, it is not flexible with a different fuel, relatively has low thermal 

efficiency, it has difficulty to handling biomass with high moisture content (>20%wt) and the 

outlet gas have a high temperature which increases the possibility of alkaline vapor and particulate 

matter [34, 42, 49]. In a co-current gasifier, the desired feedstock characteristics are low moisture 

contents to boost temperature high sufficient to decompose tars, to prevent slagging in the 
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combustion area low ash levels and high ash melting temperatures, and small particle size with 

uniform distributions (20-100 mm) to make sure a uniform bed [34]. 

2.4.1.2 Updraft (counter-current) gasifier  

Updraft or counter-current gasifier is the simplest reactor for gasification in which biomass is 

loaded from the top of the gasifier and gasifying agent is supplied from the bottom of the rector 

[29, 34, 42, 48, 49]. The biomass loaded from top pass through drying, pyrolysis, reduction, and 

combustion sequentially as shown in Figure 2.3 (b). The gasifying agent moves upward carries 

heat generated in the combustion zone (temperature as high as 1200oC) [48] due to oxidization of 

biomass to the descending biomass and transport heat to drying, pyrolysis, and reduction zones. 

The product gas (syngas) at the outlet of the gasifier is low in temperature (80-100oC) [48] and has 

a high content of tar and moisture than the downdraft gasifier [42, 49]. Due to this, it needs an 

additional processing unit to remove moisture and crack or reform tar in the product gas. The 

counter-current gasifier shows high thermal efficiency, low-pressure drop and low slag formation 

relative to other fixed bed gasifiers [29]. The advantage of an updraft gasifier is flexibility with 

feedstock, which enables to handle of biomass sources with high moisture contents and moderate 

inorganic content, and ease of operation [34]. However, the problem with this gasifier is the long 

startup time, low syngas yield, and high tar sensitivity. Furthermore, fuel containing a low ash 

melting point not desirable to be gasified in an updraft gasifier [29, 34]. In general, particle size in 

the range of 5-10 mm is preferred in an updraft gasifier [34].  

 

Figure 2.3 Fixed bed gasifiers: (a) downdraft; (b) updraft; and (c) cross-draft [34]. 

(a) (b) (c) 
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2.4.1.3 Cross-draft gasifier  

The cross draft gasifier is the reactor in which the biomass fuel feed from the top of the unit moves 

downward, while the gasifying agent enters at high velocity from the side of the reactor near the 

bottom, and the product gas leaves out the gasifier on the opposite side [29, 34, 42]. The ash is 

removed from the bottom section and the temperature of the gas leaving out the reactor is about 

800-900oC [42]. In the cross draft gasifier configuration (Figure 2.3 (c)), the combustion area and 

the ash grate area are physically separated from other reaction zones, which creates areas with 

operating temperatures higher than the ash melting limit [34, 42]. The other zones such as drying 

and pyrolysis are  formed in the vessel [42]. As a result, the feasible fuel to be gasified in cross 

draft gasifiers are fuels containing low ash such as charcoal and wood with tiny particle size in the 

range of 5-20 mm. The benefit of this reactor is the shorter start-up time and lower height. 

However, the key problem of this reactor is hard to treat the small size and high amount of biomass 

material [29]. 

2.4.2 Fluidized Bed Gasifier 

The fluidized bed gasifiers (FBG) have been considered with the intent to overcome the lack of 

fixed bed gasifiers. In FBG, fuel particles of the specified size and mixed with beds that are fine 

granular material such as sand, dolomite, limestone, olivine, or alumina are fluidized by steam, 

oxygen, or air [34, 49]. The operating temperature of FBG is below biomass and bed melting 

temperature to alleviate ash and bed material agglomeration [42]. This technology is attractive 

than a fixed bed gasifier due to it provides better mixing than fixed bed gasifier, which produces a 

more uniform bed that yields higher reaction and conversions. Furthermore, FBG has the 

advantage of effortless operation and maintenance, relatively low cost, wide particle size range 

and high efficiency, high heat and mass transfer rates, high reaction rates, and significant scale-up 

potential [4, 34, 50]. However, the loss of sufficient fluidization or defluidization due to bed 

agglomeration is a key problem in fluidized-bed gasifiers. Nevertheless, it can be controlled based 

on lowering and increasing bed temperature. The main shortcoming of fluidized bed gasifiers was 

that they tend to produce more particulates and dust in the product gas, which is a significant 

problem for downstream equipment [50, 51]. The produced gas in FBG has high particulate matter 

and the temperature of outlet gas is relatively high (800-900oC) [49]. For the feedstock to be 

gasified in FBG, the fluidized beds may apply biomass sources that possess particle sizes below 6 

mm, variable moisture contents, and low ash and alkali metals contents [34]. Generally, the FBG 
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is classified based on configuration as bubbling, circulating and dual fluidized bed gasifier [4, 34, 

42, 49], as portrayed in Figure 2.4. 

2.4.2.1 Bubbling fluidized bed gasifier 

The bubbling fluidized bed (BFB) gasifier presents two different sections, which are called a bed 

and a freeboard zone as shown in Figure 2.4 (a). In the bed zone, the gasifying agent (air, oxygen, 

steam or mixture of them) provided from the bottom, raise up through the bed material at the 

minimum fluidization velocity, which is usually below 5 m /s to create an emulsion of gas bubbles 

and rise particle, and keep the bed at a fluidized state. The bed is granular materials such as sand, 

alumina, dolomite, olivine, or limestone. These granular materials are used as heat carriers and to 

create efficient mixing of fuel particle and gasifying agents. The second section of the BFB gasifier 

is the freeboard zone, whose cross-sectional area is wider to reduce the superficial gas velocity to 

below fluidization velocity, which forces the solid particle to return to the bed by gravity and 

maintain the fixed amount of solids in the bed. Besides, the freeboard zone increases the residence 

time of the product in the rector for complete devolatilization. The BFB produces more tar and 

particulate matter, which requires the additional assembly of the cyclone at exit of the product gas 

to retain such material. However, BFB presents good flexibility regarding fuel loading and 

processing, ability to process a wide variety of fuels type with high ash contents such as biomass, 

low-rank coals, and municipal solid wastes, with particle size below 6 mm for biomass fuels. In 

this rector, fuel with low ash melting temperature causes ash agglomeration, which blocks the 

flowing of biomass chute and gasifying agent. Therefore, either BFB should operate at below ash 

melting temperature of fuels or it should use fuels that have high ash melting temperature to avoid 

bed particles agglomeration, which causes defluidization [34, 48, 49, 51, 52].  

2.4.2.2 Circulating fluidized bed gasifier 

When the gas flows at superficial velocity through fluidized-bed increased beyond the bubbling 

fluidized bed regime, the voidage of the bed granular material increases, and the solids distribution 

in the freeboard zone increases and entrained by the gas at the top of the gasifier. The solid particles 

entrained at the top of the gasifier separated from the gas in the cyclone and redirected to the bed 

near the bottom. Under this condition, the reactor is called a circulating fluidized bed (CFB) 

gasifier, as illustrated in Figure 2.4 (b). The advantage of solid particles recycle, which is a 

consequence of increment of residence time that enhances mass flow rate and reaction rates, 
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improves the yield of carbon conversion efficiencies, and lowers tar production. The CFB gasifier 

enhances flexibility over the BFB gasifier for firing multi-fuels with high moisture content and 

significantly higher efficiency. This gasifier is used for a large application. The disadvantage of 

CFB gasifiers is complexity of the design, the difficult control of the operation, and the high costs 

of investment and start-up [34, 42, 48, 49, 51, 52]. 

 

Figure 2.4 Fluidized bed gasifiers: (a) bubbling; (b) circulating; (c) dual [34]. 

2.4.2.3 Dual fluidized bed gasifier 

Dual fluidized bed (DFB) gasifier (Figure 2.4 (c)) is the coupling of two chambers, which are a 

BFB gasifier and a CFB combustor [34]. In the first chamber, which is the BFB gasifier, the 

biomass fuel and steam are supplied and the gasification process is enabled. The unreacted char 

particle, other product of gasification residues in BFB, and part of granular bed materials are 

transported to CFB combustor, where it oxidized with air to produce heat and flue gas [34, 49, 52]. 

Then the heated bed material is redirected to the BFB gasification chamber and serves as an 

external heat source for the endothermic reaction of the steam gasification process [34, 52]. The 

syngas produced in the BFB gasifier and flue gas produced in the CFB combustor has two separate 

exits. This technology is specifically remarkable for biomass gasification due to its high content 

of volatiles compared to coal [52]. In gasification, only volatile matters are used for syngas 

synthesis while the fixed carbon is burned to supply the heat used for the endothermic reaction 

[52]. DFB gasifiers generate syngas with moderate-higher heating value and relatively low tar 

levels. Besides, relative to other gasifiers their construction and operation are complex, however, 

they are appropriate for high specific capacities and show good scale-up potential [34].  

(a) (b) (c) 
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Generally, the BFB gasifiers was the simplest and probably the most cost-effective concept for 

continuous biomass gasification from all type of fluidized bed gasifiers. Also, it is flexible to wide 

variety of biomass with various particle sizes including pulverized biomass [20]. However, the tar 

generated in BFB gasifier is higher than CFB and DFB gasifier. Hence, for this research study, 

BFB type was considered to investigate operational conditions and develop kinetic model of 

fluidized bed gasifier. 

2.5 Modeling methods for biomass gasification 

The mathematical modeling of any system undertaken with different aims starting from the 

preliminary design of an industrial process to complex simulation of a particular unit. In the 

gasification process, simulation of the process provides a better understanding of the chemical 

mechanisms and the physical which underlying the gasification process and supports the 

development of suitable control strategies of existing units, for optimization of syngas quality [49].  

In the gasification process, the models, once validated, help the designer to identify the sensitivity 

of the gasifier performance to variations of different design and operation parameters. To predict 

the operational behavior, emission during normal condition or start-up or shutdown or change of 

fuel and tar formation, models of gasification systems are helpful [49]. Besides, modeling depicts 

system shortcomings and undesired operation zones, saving the equipment from being exposed to 

hazardous conditions [4]. Based on recent studies, gasification modeling can be achieved through 

the following four methods [4]. 

1. Thermodynamic equilibrium models (TEM), 

2. Kinetic models (KM), 

3. Computational fluid dynamics (CFD) and  

4. Artificial neural networks (ANN) 

Over the last year, a number of researchers studied these methods of modeling in the gasification 

of biomass and coal. The thermodynamic equilibrium modeling is the tool used to calculate the 

optimum yield to be achieved for the desired product in a reaction system [42]. In a gasification 

system, it is impossible to reach a thermodynamic equilibrium. However, this model gives a 

reasonable prediction of the optimum yield of product for the designer in gasification for desired 

product [4, 42, 49]. The calculation of the model is independent of gasifier geometry and used to 

analyze the influence of the solid material composition or the process parameters. Furthermore, 
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the TEM cannot predict the influence of hydrodynamic parameters, like design variables, 

fluidizing velocity, and gasifier height [52]. The kinetic modeling of the gasification system 

involves residence time, reaction rate, reactor hydrodynamics (superficial velocity, diffusion rate), 

and geometry [47]. The KM is more accurate than the TEM but computationally intensive. Thus, 

while the KM gives the operation of the reactor at any time with at any length of the reactor, the 

TEM gives the result to be achieved after a finite time of reaction. Another computational method 

used in gasification modeling is computational fluid dynamics (CFD). CFD model relies on the 

solution of energy flow, conservation of mass, the momentum of species, hydro-dynamics, and 

turbulence over a defined zone of the reactor [47, 49]. The ANN requires little understanding of 

the gasification process. It is based on input-output correlation developed from a large pool of 

experimental data. The ANN like TEM cannot consider the effect of the hydrodynamics of reactor 

and geometry of gasifier [49]. 

2.5.1 Thermodynamic equilibrium models 

Thermodynamic equilibrium modeling is the most popular method to analyze and study the 

parameter of gasifiers [52]. The fundamental of TEM depends on the second law of 

thermodynamics [49]. TEM is independent of gasifier design and it provides a guideline for design, 

evaluation, and improvement. Furthermore, TEM is used to predict the optimal conditions such as 

energy efficiency and syngas heating value [47]. Equilibrium models are basically developed 

based on the following assumptions [52]: 

 The process occurs in the system at steady-state, 

 The gasifiers is assumed to be isothermal and at equilibrium, 

 Residence time is sufficient to reach equilibrium condition and reaction rates are fast, 

 Gases except for H2, CO, CO2 and CH4, N2, and H2O are negligible, 

 Char contains only solid carbon, 

 Ash residue is negligible, 

 The product gas exit at the gasifier temperature, 

 All the gases obey the ideal gas law, and  

 Potential and kinetic energies are negligible. 

The thermodynamic equilibrium modeling can be determined by two general approaches such as 

equilibrium constant (stoichiometric method) and minimization of the Gibbs free energy (non-
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stoichiometric method) [4, 42, 47, 49, 52]. However, both approaches are conceptually similar 

[52] and provide the same result [49].   

2.5.1.1 Stoichiometric equilibrium model 

The stoichiometric model is based on the calculation of equilibrium constants of an independent 

set of reactions, which can be related to the Gibbs free energy of reaction species [4, 49]. This 

method of thermodynamic equilibrium requires a clearly defined reaction mechanism that includes 

involved species and all chemical reactions [52]. The typical global gasification equation used 

among most model by researchers is [47]:  

𝐶𝐻𝑥𝑂𝑦𝑁𝑧 + 𝑤𝐻2𝑂 +𝑚(𝑂2 + 3.76𝑁2)

= 𝑛𝐻2𝐻2 + 𝑛𝐶𝑂𝐶𝑂 + 𝑛𝐶𝑂2𝐶𝑂2 + 𝑛𝐻2𝑂𝐻2𝑂 + 𝑛𝐶𝐻4𝐶𝐻4

+ (
𝑧

2
+ 3.76𝑚)𝑁2 

 (2.3) 

Where 𝑥, 𝑦 and 𝑧 are the number of atoms of 𝐻2, 𝑂2 and 𝑁2 per number of atoms of carbon in the 

feedstock, respectively; 𝑤 is the content of moisture per 𝑘𝑚𝑜𝑙 of feedstock and 𝑚 is the content 

of oxygen per kmol of feedstock. For certain biomass, there is significant effect of sulfur (𝑆) 

amount need to be considered in the calculation. The procedure for determining the syngas 

component and HHV for stoichiometric modelling is as below [2, 47, 49].  

Based on dry basis, the biomass fuel can be expressed by a generalized molecular formula, where 

the number of atoms of 𝐻2, 𝑂2 and 𝑁2 and based on single atom of carbon are determined as [49]: 

𝑥 =
𝑦𝐻𝑀𝑐

𝑦𝐶𝑀𝐻
= 𝑦 =

𝑦𝑂𝑀𝑐

𝑦𝐶𝑀𝑂
𝑧 =

𝑦𝑁𝑀𝑐

𝑦𝐶𝑀𝑁
 

 (2.4) 

In this equations, 𝑀𝑐, 𝑀𝐻, 𝑀𝑂 and 𝑀𝑁 are the molecular weights of 𝐶, 𝐻2, 𝑂2 and 𝑁2 respectively 

and 𝑦𝐶 , 𝑦𝐻, 𝑦𝑂 and 𝑦𝑁 are the mass fractions on dry basis of those elements obtained from the 

ultimate analysis.  

Step 1: To determine the product component unknowns, namely the mole content of 𝐻2, 𝐶𝑂,  𝐶𝑂2,

𝐻2𝑂, 𝐶𝐻4 and gasification temperature the mass balance of 𝐶, 𝐻2, 𝑂2 and 𝑁2 are written: 

∑𝑚𝑎𝑠𝑠𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠
𝑗

=∑𝑚𝑎𝑠𝑠𝑟𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠
𝑗

 
 (2.5) 

Considering global reactions in: 
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Carbon Balance: 

𝑓1 = 0 = 𝑛𝐶𝑂 + 𝑛𝐶𝑂2 + 𝑛𝐶4 − 1  (2.6) 

Hydrogen Balance: 

𝑓2 = 0 = 2𝑛𝐻2 + 2𝑛𝐻2𝑂 + 4𝑛𝐶𝐻4 − 𝑥 − 2𝑤  (2.7) 

Oxygen Balance: 

𝑓3 = 0 = 𝑛𝐶𝑂 + 2𝑛𝐶𝑂2 + 𝑛𝐻2𝑂 − 𝑤 − 2𝑚 − 𝑦  (2.8) 

Step 2: Defining equilibrium constants for gasification reactions: 

The generalized formula used to define the equilibrium constants of all reaction given as below [4, 

47]: 

𝐾𝑖 =∏ (𝑥𝑖)
𝑣𝑖 (

𝑃

𝑃𝑜
)
∑ 𝑣𝑖𝑖

𝑖
 

 (2.9) 

𝑥𝑖 is mole fraction of species 𝑖 in the ideal gas mixture, 𝑣 is the stoichiometric number ( positive 

value for products and the negative values for reactant), 𝑃𝑜 is standard pressure, one atmosphere. 

Step 3: Calculation of K using Gibbs function of reaction: 

ln 𝐾 = −
∆𝐺𝑇

𝑜

�̅�𝑇
 

 (2.10) 

where ∆𝐺𝑇
𝑜 is a standard formation of Gibbs and 𝑅 is the universal gas constant. 

𝑑𝑙𝑛𝐾

𝑑𝑇
=
∆𝐻0

𝑅𝑇2
 

 (2.11) 

Integrating Equation (2.12) the heat of formation can be calculated as 

𝑙𝑛𝐾 = ∫
∆𝐻0

𝑅𝑇2
+ 𝐼 

 (2.12) 

Where 𝐼 is a constant of integration and ∆𝐻0 calculated from Equation (2.13) 

∆𝐻0

𝑅
=
𝐽

𝑅
+ ∆𝐴 × 𝑇 +

∆𝐵

2
𝑇2 +

∆𝐶

3
𝑇3 −

∆𝐷

𝑇
 

 (2.13) 

Where by definition, ∆A = ∑ 𝑣𝑖𝐴𝑖𝑖  with analogous definitions for ∆𝐵, ∆𝐶, and ∆𝐷 are coefficients 

for determining specific heats of gases and 𝐽 is a constant. 
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Substituting Equation (2.13) into Equation (2.10) one gets 

𝐾 = 𝑒𝑥𝑝 (−
𝐽

𝑅𝑇
+ ∆𝐴 × 𝑙𝑛𝑇 +

∆𝐵

2
𝑇 +

∆𝐶

6
𝑇2 +

∆𝐷

2𝑇2
+ 𝐼) 

 (2.14) 

The dependence of ∆𝐺0 on temperature were analyzed as 

∆𝐺0 = 𝐽 − 𝑅𝑇 [∆𝐴 × 𝑙𝑛𝑇 +
∆𝐵

2
𝑇 +

∆𝐶

6
𝑇2 +

∆𝐷

2𝑇2
+ 𝐼] 

 (2.15) 

Both 𝐽 and 𝐼 were calculated, respectively, from Equation (2.15) and Equation (2.13) at 

temperature of 298𝐾. 

Step 4: Calculating temperature of gasification zone with energy balance with the assumption of 

adiabatic process and 𝑇𝑖𝑛𝑙𝑒𝑡 = 298𝐾. 

∑ ℎ̅𝑓,𝑗
𝑜

𝑗=𝑟𝑎𝑐𝑡
=∑ 𝑛𝑖(ℎ̅𝑓,𝑗

𝑜 + ∆ℎ̅𝑇,𝑖
𝑜 )

𝑖=𝑝𝑟𝑜𝑑
 

 (2.16) 

ℎ̅𝑓
𝑜 is the enthalpy of formation in 𝑘𝐽/𝑚𝑜𝑙, and ∆ℎ̅𝑇

𝑜  represents the enthalpy difference between 

any given state and the reference state. 

∆ℎ̅𝑇 = ∫ 𝐶𝑝(𝑇)𝑑𝑇
𝑇

298

 
 (2.17) 

Step 5: Calculating specific heat (assumption of constant pressure) in 𝑘𝐽/𝑘𝑚𝑜𝑙𝐾. 

𝐶𝑝
0(𝑇) = 𝑅(A + BT + C𝑇2 + D𝑇−2)  (2.18) 

Therefore, the enthalpy of formation equation can be rewritten as below: 

∆ℎ̅𝑇 = ∫ 𝐶𝑝
0(𝑇)𝑑𝑇

𝑇

𝑇0

 
 (2.19) 

𝐴, 𝐵, 𝐶 and 𝐷 are the specific gas species coefficients and can be found in the literature [53].  

Step 6: Rewrite equations in step 4 with step 5 and using the following for finding the enthalpy of 

formation for solid fuel in reactant: 

ℎ̅𝑓,𝑓𝑢𝑒𝑙
𝑜 = 𝐿𝐻𝑉𝑓𝑢𝑒𝑙 +∑ [𝑛𝑘(ℎ̅𝑓

𝑜)
𝑘
]

𝑘=𝑝𝑟𝑜𝑑
 

 (2.20) 

Where (ℎ̅𝑓
𝑜)
𝑘
 is the enthalpy of formation of product 𝑖 under complete combustion of the solid fuel 

and 𝐿𝐻𝑉𝑓𝑢𝑒𝑙 is the lower heating value of the solid fuel which as estimated from Equation (2.21). 
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𝐿𝐻𝑉𝑓𝑢𝑒𝑙 = 𝐻𝐻𝑉𝑓𝑢𝑒𝑙 − 𝐿𝑣,𝐻2𝑂 (
9𝑦𝐻
100

) 
 (2.21) 

where 𝐿𝑣,𝐻2𝑂 = 2.256𝑀𝐽/𝑘𝑔 is the enthalpy of vaporization of water at 𝑃𝑠𝑎𝑡 = 0.1𝑀𝑃𝑎 and 

𝑇𝑠𝑎𝑡 = 100𝑜𝐶.  

Due to the simplifying assumptions, equilibrium models yield excessive disagreements between 

experimental calculations and theoretical models under some conditions. This gap is maybe due 

to assumption in cases that residence time is not long enough [47]. In equilibrium modeling, 

relatively at low gasification temperatures, 𝐻2 and 𝐶𝑂 are overestimated and 𝐶𝑂2, 𝐶𝐻4, tars and 

char are underestimated [49].  

2.5.1.2 Non-stoichiometric equilibrium model 

The non-stoichiometric modeling was developed based on direct minimization of the Gibbs free 

energy of reactions with Lagrange multiplier [42, 47, 49] without specification of the possible 

reaction-taking place. This method is applicable for complex reaction pathways (unclear reaction 

mechanisms [52]) and it does not need to identify the independent set of reactions [49].  In non-

stoichiometric modeling, only the elemental composition of biomass fuel is needed which is 

obtained from the ultimate analysis of the fuel [52]. The procedure for determining the syngas 

component and HHV for non-stoichiometric equilibrium modeling is as below [47].  

Step 1: The total Gibbs energy of the system at specific temperature and pressure. 

𝐺𝑇,𝑃
𝑡 = 𝑔(𝑛1,  𝑛2,  𝑛3, … , 𝑛𝑖)  (2.22) 

Where 𝑛𝑖 is each species in the system. 

The purpose is to find the set of 𝑛𝑖 that minimizes the total Gibbs energy. 

Step 2: Material Balance. 

∑𝑛𝑖𝑎𝑖𝑘 = 𝐴𝑘(𝑘 = 1,2, … , 𝑤)

𝑖

 
 (2.23) 

Where 𝑎𝑖𝑘 is the number of atoms of the 𝑘𝑡ℎ element present in each molecule of the chemicals 

species 𝑖, 𝐴𝑘 is the total number of atomic masses of the 𝑘𝑡ℎ element in the system and 𝑤 is the 

total number of atoms present in the system. 
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Step 3: Introducing Lagrange multipliers. 

∑𝜆𝑘 (∑𝑛𝑖𝑎𝑖𝑘 − 𝐴𝑘
𝑖

) = 0

𝑘

 
 (2.24) 

Step 4: Define new function. 

𝐹 = 𝐺𝑇,𝑃
𝑡 +∑𝜆𝑘 (∑𝑛𝑖𝑎𝑖𝑘 − 𝐴𝑘

𝑖

)

𝑘

 
 (2.25) 

Step 5: Deriving minimum value of F. 

∂F

∂𝑛𝑖
=
𝜕𝐺𝜏

𝜕𝑛𝑖
+∑𝜆𝑘

𝑘

𝑎𝑖𝑘 = 0, (𝑖 = 1, 2, … , 𝑛) 
 (2.26) 

Step 6: Replacing chemical potential in Equation (2.26). 

𝜇𝑖 +∑𝜆𝑘
𝑘

𝑎𝑖𝑘 = 0 
 (2.27) 

Step 7: Definition of chemical potential. 

𝜇𝑖 = 𝐺𝑖
0 + 𝑅𝑇𝑙𝑛 (

𝑓𝑖

𝑓𝑖
0) 

 (2.28) 

Where 𝐺𝑖
0 is the standard state Gibbs energy of formation, 𝑅 is the universal gas constant, 𝑇 is the 

temperature and 𝑓 is the fugacity of the species. In case of ideal gas assumption at standard 

pressure and substituting Equation (2.28) into Equation (2.27) we have: 

𝐺𝑖
0 + 𝑅𝑇𝑙𝑛 (

𝑛𝑖
𝑛𝑡𝑜𝑡𝑎𝑙

) +∑𝜆𝑘
𝑘

𝑎𝑖𝑘 = 0, (𝑖 = 1, 2, … , 𝑛)  (2.29) 

Therefore, we have 𝑛 equilibrium equations for each species present in the system. The mass 

balance for each element and energy balance is written like equilibrium constants to be solved for 

HHV. 

Generally, the TEM shows a significant deviation between the experimental result and theoretical 

calculation without modification to it. The review of Mazaheri et al. [47] highlighted that this 

deviation occurs due to the unrealistic assumption of neglecting presence of tar and residue, 

idealistic equilibrium assumption, and limitation for temperature range when reaching equilibrium.  
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2.5.2 Kinetic Models  

The erroneousness of TEM to correlate the reactor design parameter with the final product gas 

composition leads to the development of KM to evaluate and analyze gasifier conditions [42]. The 

KM since it involves parameters such as hydrodynamic conditions, reactor geometry, detailed 

reaction kinetics, and residence time, it is more accurate and computationally intensive [42]. The 

development of KM starts from zero-dimensional (stirred tank) to one-dimensional (plug flow), 

two-dimensional or three-dimensional based on reactor geometry and hydrodynamics. This shows 

that the KM requires the more sophisticated and highly detailed system information and data of 

kinetics and hydrodynamics model [4]. Following these, several researchers have made detail 

study on kinetic modeling of biomass gasification with different degrees of accuracy, complicity, 

and adaptability to different reactor types [25, 54-60]. 

Generally, kinetic modeling of fluidized bed gasifiers has several sub-models: sub-model for 

reaction kinetics, the behavior of gas flow through fluidized-bed, and sub-model for fluidization 

(reactor hydrodynamics), and the change of char particle with carbon conversion. Reaction kinetics 

involves bed hydrodynamics and mass and energy balances to obtain the yields of gas, tar, and 

char at a given operating condition. The reactor hydrodynamic model considers the physical 

mixing process and the hydrodynamic model is often much complex [21]. The next section in 

detail describes the sub-model listed above. 

2.5.2.1 Hydrodynamic models  

The fluidization phenomena of gas-solid interaction in fluidized bed gasifier is more complex 

process. It involves the motion and distribution of solids, gas-solid mixture, size, velocity and 

growth of bubbles, and the relation between bubble and emulsion [61]. The gas-solid interaction 

dominates the mass and heat transfer between the solid and gas phase, which in turn affects the 

reaction rates and gas composition.  

In kinetic modeling of fluidized bed gasifier, the hydrodynamic model is categorized into three 

main classes based on phases accounted in the mathematical model: single, double, and three-

phase [62]. The single-phase model is too simple to be of practical use, while the three-phase 

model is to be comparatively complicated [61]. The three- phase model regardless of its accurate 

results does not show any significant enhancement over the two-phase model. Because the three-
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phase model is more sensitive to the kinetics than to hydrodynamic parameters [63]. Hence, the 

two-phase model is generally used in modeling of gas-solid inter phase in the fluidized bed.  

The two-phase model consists of dense phase (emulsion), formed by a big number of solid particles 

and a fraction of gas, which uniformly and perfectly mixed, and a dilute phase (bubble), without 

particle, contain gas phase and considered as plug flow [61, 62]. The two-phase fluidization theory 

was originally developed by Toomey and Johnstone [64] based on the following assumptions [61].  

 Perfect mixing in the emulsion phase, 

 Flow in bubble phase is a plug flow, 

 Reaction in emulsion phase is heterogeneous reactions,  

 Minimum fluidization condition in an emulsion phase, and 

 Solids motion occurs only while the bubbles pass through the emulsion and the thermal 

effects are reduced. 

Based on the Toomey and Johnstone model, Davidson and Harrison [61] modified the two-phase 

theory of fluidization by adding the bubble diameter is constant and mass transfer has diffusion 

and convective contribution. Besides, Kunii and Levenspiel [61] developed a three-phase 

fluidization theory by considering the cloud as the third region in addition to the emulsion and 

bubble phase. This model assumes that [61]:  

 The emulsion phase does not maintain the minimum fluidization conditions,  

 There are solids recirculation in the bed,  

 The mass transfer coefficient of bubble–emulsion has a contribution in mass transfer 

bubble–cloud and cloud–emulsion, and 

 Heterogeneous chemical reactions are occurring in the emulsion and cloud phase. 

Kunii and Levenspiel’s model represents the fluidized bed more efficiently, however it is 

computationally intensive than a two-phase model. Besides, as explained previously in this section 

it has no significant effect on hydrodynamic parameters and conceptual separation of the cloud 

region is unnecessary [63].  

Generally, the phenomenon of gasification processes in the fluidized bed gasifier is more 

complicated than the gasification processes involved in the fixed bed gasifier. In a fluidized bed, 
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the heat and mass transfer in the dense phase (emulsion) and dilute phase (bubble) are considered 

separately. The mass transfer between dense phase and dilute phase is driven by molecular 

diffusion caused by gas concentration difference between the region and by convective mass flow. 

The convective mass transfer is caused by the combined effect of biomass pyrolysis and 

homogeneous and heterogeneous reactions, which is more dominant in the dilute phase. In the 

dense phase, molecular diffusion is dominant as the gas flow is much lower than that of the dilute 

phase.  

2.5.2.2 Reaction kinetic model 

The rate of biomass char gasification reaction in fluidized bed gasifier has been primarily defined 

in three methods [21]: (1) shrinking core model (SCM), (2) shrinking particle model (SPM), and 

(3) volumetric reaction rate model (VRRM). The SCM in which the biomass solid particles are 

consumed by reactions and the homogenous reactions are assumed to take place only on the surface 

of a spherical model as the core of the biomass particle remains unreacted. In this model, the size 

of the core is a function of the char conversion rate [47]. On the other hand, as the reacting gas 

diffuses through the outer skin of the particle, the reaction layer moves into the interior of the solid 

particle and leave behind converted material and inert solid. The second model, SPM, assumes 

that the reactions are restrained at the surface of the particle at which in a bubbling fluidized bed 

is enough aggressive to break down ash particles and char then the size of a particle is reduced by 

pyrolysis or gasification of the products. The third model, VRRM, expresses the gasification 

reaction rate on the unit volume of the bed basis [47].  

2.5.2.3 Kinetic modelling of fluidized bed gasifier review 

Several scholars are trying to develop the kinetic model of fluidized bed gasifiers to predict the 

performance and efficiency of the fluidized bed gasifier. The study of some researchers is 

discussed below.  

Sreejith et al. [60] studied the kinetic modeling of air-steam gasification of wood biomass in 

bubbling fluidized bed with CO2 absorption to predict the performance of the bubbling fluidized 

bed. In the model, tar cracking is considered by taking benzene and naphthalene with neglecting 

other tar components such as acetol and phenols. However, the moisture and hydrodynamic model 

is not accounted for in the model. The kinetic model developed was able to predict the product gas 

composition, parametric performance analysis, and effect of various gasifying media on H2 
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concentration. Zheng et al. [58] developed a complex unsteady state two-phase kinetic model 

including reaction kinetics and fluid dynamics for corn stover in bubbling fluidized bed steam 

gasification process. The gasification model included an unreacted core-shrinking model for char 

gas reactions and pyrolysis model considering the effect of the particle size on the pyrolysis 

products, however, the tar formation and cracking is not included in the model. The kinetic model 

developed by Zheng et al. [58] capable of predicting concentration profiles of gas in the dilute 

phase and the dense phase along with the height of the reactor, the evolution of particles in the bed 

with time, and the particle size distribution in the fluidized bed under different operating 

conditions. Hejazi et al. [56] also work on the kinetic modeling of a bubbling fluidized bed reactor 

with steam as the fluidizing gas. The biomass pyrolysis was described by a two-step kinetic model 

in which primary pyrolysis is modeled by parallel first-order reaction and the secondary pyrolysis 

is modeled by a first-order reaction representing homogenous thermal cracking of tar. Besides, the 

developed kinetic model includes homogenous and heterogeneous biomass gasification reactions, 

but a two-phase hydrodynamic model and temperature variation along the free-board region is not 

modeled. The developed model was simulated in MATLAB software and capable of predicting 

product gas composition and the effect of operating parameters on syngas production.  

Another researcher, Gordillo et al. [25] developed a kinetic model of bubbling fluidized bed 

gasifier assuming one dimensional two-phase under steady-state and dynamic conditions. The 

developed model is based on gasification kinetics, mass, and energy balances, and the model is 

subdivided into fluidized-bed fluid dynamics and thermodynamics for simulation. In this model, 

the tar formation and cracking were neglected. The model is capable of predicting the temperature 

and concentration profiles of gases in the bubble, emulation gas, and solid phases. Agu et al. [54] 

studied in detail the one-dimensional modeling of steam-biomass gasification in a bubbling 

fluidized bed. The kinetic model developed by Agu et al. [54] accounts for the effect of 

hydrodynamic behavior of the fluidized bed. The model is simulated in MATLAB software and 

results are validated with experimental data in the literature study as well as the results from 

existing models. The proposed model is capable of calculating the total gas yield and composition 

of the product gas at different operating conditions. Even though in the model sensitivity and 

uncertainty analyses of different inputs are not addressed and tar cracking is not considered. 
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Petersen et al. [65] performed the experimental investigation of sewage sludge in circulating 

fluidized and developed the kinetic modeling coupled with equilibrium modeling that includes the 

sub-modeling of fluid dynamics in circulating fluidized bed and reaction configuration. The 

developed model is 1.5 dimensional, which contains dynamic characteristics of the circulating 

fluidized bed with gas and solids up flow in the center and downflow at the wall. However, this 

model does not include tar modeling. 

Xiong et al. [26] studied steady state kinetic modeling of rice husk gasification process in bubbling 

fluidized bed. The model comprises reaction kinetics and flow hydrodynamics of gasifier bed and 

developed based on two-phase fluidization theory. However, in mass and energy transfer 

modeling, the mass and energy transfer by diffusion between two phases was neglected. Dang, et 

al. [27] developed biomass gasification model in Aspen Plus to predict and optimize a syngas 

production. In this model, the reaction kinetics and hydrodynamic conditions are incorporated to 

the model by Fortran subroutine. However, tar cracking kinetics were not included in the model. 

Another scholar Hejazi et al. [57] developed a kinetic model for dual fluidized bed gasifiers, that 

account for in situ sorbent carbonation while assuming complete char combustion and complete 

sorbent calcination in the circulating fluidized bed riser. This kinetic model assumes perfect 

mixing of solids and plug-flow of gas-phase coupled with a two-step reaction kinetic mechanism 

for biomass pyrolysis, with phenol as a model for tar compound and a reaction network for tar 

thermal cracking and reforming. Major homogeneous and heterogeneous gasification reactions 

and a first-order kinetic model for the carbonation of sorbent particles suitable for steady-state Ca-

looping operation were considered in the model. Even though, the hydrodynamic behavior of the 

dual fluidized bed is not considered in this simple modeling. The model developed has capable of 

predicting the axial profile of gas flow rate, average carbonation conversion, product gas yield, 

and composition and average carbon conversion. The prediction of the product gas distribution is 

in good agreement with experimental work. Aghaalikhani et al. [66] modeled dual fluidized bed 

with temperature variation using kinetic modeling method and simulated the model in ASPEN 

plus simulator coupled with user-defined functions written in Fortran language proper developed 

to separately reproducing pyrolysis, including an extensive investigation on char reactivity. The 

developed model considers pyrolysis oil as primary tars and phenol as secondary tars and tar are 

either thermally cracked or reformed with steam in an equilibrium reactor. The developed model 
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has capable of predicting syngas composition, temperature profile along with gasifier and reactor 

height and performance of dual fluidized bed gasifier. However, the problem with this modeling 

is the hydrodynamic sub-model is not considered. 

From the above literature survey we observe, many scholars are modeling the fluidized bed reactor 

with the assumption of tar is fully converted into product gas or neglecting it. Besides, some of the 

scholars do not consider the hydrodynamic behavior and diffusion effect of the fluidized bed in 

their kinetic model. Hence, this thesis aims to develop the kinetic model of the fluidized bed 

gasifier, which accounts for hydrodynamic behavior and tar formation and cracking. After, the 

kinetic model was developed the model was going to be validated against experimental study from 

literature and applied to sensitivity analysis of operational parameters of a gasifier. 

2.5.3 Computational fluid dynamics (CFD) models 

The CFD models have a significant contribution in the modeling of the gasification process 

specifically in fluidized bed gasifier. This model is based on the conservation of mass, momentum 

species, energy flow, hydrodynamics, and turbulence equation over a defined zone [42]. The CFD 

model simulation provides the temperature profile along with gasifier, solid, and gas-phase and 

complete coupled of chemical and fluid mechanics analysis of bed [4, 47]. The CFD modeling 

mainly used for fluidized beds and entrained beds, further for optimization of fixed beds gasifier 

[47].  

The fluidized bed gasifier involves multiphase reaction flow including heat and mass transfer, 

chemical reactions, and nonlinear coupling of hydrodynamics. In biomass gasification, the 

fundamental process involved is drying, pyrolysis, gasification (reduction), and combustion 

(oxidation). This implies gasification process includes a set of phenomena such as fluid flow, heat 

transfer and complex chemistry that can be solved only by considering several governing 

mathematical equations, which are based on the conservation laws of mass, heat, and momentum. 

Hence, the complexity of such system can be achieved by the CFD technique. In CFD, systems 

involve such as fluid flow, heat transfer and related phenomena are solved numerically. The 

equations settled in CFD to solve fluidized bed gasification are elementary equations for the flow 

of the gas phase. However, in fluidized bed gasification modeling generally, two phases are 

considered, which requires the modification of the CFD elementary equation to include solid and 

gas phases. 
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In multiphase flows modeling, two approaches are used: Euler-Euler (two-fluid model) and Euler-

Lagrange method that includes discrete element model (DEM) and discrete phase model (DPM). 

In the Euler-Euler approach, different phases are considered as a continuum.  It introduces the idea 

of phasic volume fractions assumed to be continuous functions of space and time. The conservation 

laws for each phase are applied obtaining a set of equations with the analogous structure for all 

phases. The Euler-Euler multiphase models are approached in three ways: the volume of the fluid 

model, the mixture model, and  the Eulerian model. From these methods, the Eulerian model is the 

only proper modeling for the fluidized bed gasification process [4]. The Eulerian model is the most 

complex of the multiphase models that involves the set of momentum and continuity equations for 

each phase. This set of equations is often closed by a constitutive relation obtained from 

experimental data and the Kinetic Theory of Granular Flow (KTGF) [67]. The coupling is obtained 

by pressure and interphase exchange coefficients and depends on the type of phase involved in the 

modeling. Hence, fluidized bed gasification involves complex multiphase, the properties of the 

granular (solid) obtained from kinetic theory and applied to several works [68-71]. The kinetic 

theory of granular flow (KTGF) is used to model the simulation particle collision for the domain 

in two-phase flow. Computational modeling of the Eulerian-Eulerian model formulation using 

KTGFs is less intensive than using the Lagrangian approach for the fluidized bed simulations [68]. 

In the Euler-Lagrange approach, the fluid phase is treated as a continuum by solving the Navier-

Stokes equations, while the dispersed phase is solved by tracking a large number of particles, 

bubbles, or droplets through the considered flow field (the solid phase at a particle level and the 

gas phase as a continuum). The Euler-Lagrange computational model is applied based on the 

discrete particle method or discrete element method, which is motivated by molecular dynamics. 

This model is a more intensive computational approach than the Euler-Euler model; however, it 

has been applied to various works [67, 72].   

In gasification modeling of fluidized bed using CFD, the basic conservation equations are not 

sufficient for the modeling. In fluidized bed reactor, the transport phenomena are caused by 

fluidization, which is the source of turbulence [4]. Hence, in the gasification model, the turbulence 

has a significant effect on heat and mass transfer, turbulence-modelling needs to be incorporated 

in fluidized bed biomass gasification. There are three alternative turbulence modeling methods: 

Reynolds-averaged Navier-Stokes (RANS), Large Eddy Simulation (LES), and Direct Numerical 

Simulation (DNS). Since LES and DNS methods are computationally intensive, the RANS method 
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is applied to turbulence modeling of fluidized bed gasifiers. The RANS method that is suitable and 

applied to fluidized bed gasifiers is the standard k-ε model is the turbulence model.  

2.5.4 Artificial neural network (ANN) models 

The Artificial Neural Network (ANN) is the sophisticated modeling that is used specifically in 

complex process, in which the processes are not fully understood. Beside, ANN is a standard 

modeling tool consisting of a multilayer perception paradigm. The ANN is the recent approach in 

gasification modeling that is used to predict outputs of gasifier in which a neural network learns 

by itself for different sets of experimental data simulating the human brain in terms of 

mathematical functions [73]. The multilayer paradigm consists of an input layer, a hidden layer, 

and an output layer of neurons. This ANN is characterized by a non-mechanistic, non-equilibrium, 

and non-analytical model that can produce numerical results used to predict the composition of 

syngas product from fluidized bed gasifier [42].  

Many works of literature and articles reported the application of the ANN model in process 

modeling of biomass pyrolysis and gasification. Guo et al. [74] developed an ANN model for 

steam-blown fluidized bed gasifiers in the atmosphere to predict the gas production rate and gas 

composition. It concludes that the ANN model had better prediction over the traditional regression 

model. Puig-Arnavat et al. [75] presented ANN models for BFB and CFB for the prediction of 

syngas composition following biomass gasification. The developed model shows high agreement 

with experimental data and in both cases, different variables have seen a different impacts on each 

bed. The result showed that the ER is the most important variable in CFB than BFB. Li et al. [76] 

also developed an ANN model for biomass gasification in  a fluidized bed to evaluate the influence 

of variables such as heating rate and gasifier length on hydrogen yield and hydrogen efficiency. 

Serrano et al. [73] studied that the effect of bed material in the ANN model to predict the product 

gas composition and gas yield rate of biomass gasification in BFB. The developed model has 

shown good accuracy with experimental and able to predict the product gas composition. 

Furthermore, Serrano et al. [77] developed an ANN model to predict tar generation in gasification 

processes of BFB reactors operating with silica sand and wood biomass. The model is able to 

integrate the tar data coming from different sampling protocols and analysis method. In addition, 

the model shows good prediction accuracy with experimental data. Furthermore, the model was 

used to study the effect of varying ER and temperature on the behavior of tar in the product gas. 
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The model shows that operating conditions and tar sampling technique have a lower influence (30 

and 8%, respectively) and biomass composition has a high influence on tar prediction (>45%).  

All these findings prove that an ANN model improves the prediction accuracy with good 

agreement between experimental and simulation results. Nevertheless, the ANN model may return 

poor results for data that is not enough to calibrate and evaluate the proposed solution or different 

from the original data for which it trained [4]. ANN model has a limitation on considering the 

hydrodynamic effect of fluidized bed gasifiers like TEM. 

Generally, modeling the steam gasification process has the following basic step: drying, pyrolysis, 

and gasification reaction modeling. These modeling steps are modeled by the following 

techniques: thermodynamic equilibrium models, kinetic models, computational fluid dynamics, 

and artificial neural networks. In this thesis, the modeling approach used to model steam gasified 

bubbling fluidized bed gasifier was kinetic modeling. Kinetic modeling considers the effect of 

hydrodynamic condition, residence time, reaction rate, reactor geometry...etc. To model the 

hydrodynamic condition of gas and solid in bubbling fluidized bed, the approach of Davidson and 

Harrison was used in this modeling approach. In addition, the mass and heat transfer between the 

bubble and emulsion phase was considered separately. Furthermore, the effect of bubble growth 

considered also considered in this model.  
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Chapter 3 

3. One Dimensional Kinetic Modelling of Biomass Gasification in Bubbling 

Fluidized Bed Gasifier 

3.1 Introduction 

The goal of this chapter is to develop a one-dimensional (1D) model that estimates the product gas 

composition along with gasifier height in the BFB gasifier. This chapter focus on the development 

of the reaction model, and mass and energy balance equations. The reaction model includes the 

pyrolysis reaction kinetics and gasification reaction kinetics. In addition, the hydrodynamic 

parameter model is also included in the mathematical model. 

3.2 Mathematical model development 

In modeling of BFB gasifier, the first thing that needs to been understood is the fluidization 

concept. As portrayed in Figure 3.1, with increasing flowing fluid superficial velocity, the gas-

solid contact behavior changes [78]. As flowing fluid passed upward through the bed, the pressure 

drop builds up occur along the bed and it’s directly proportional with the speed of the fluid. When 

the apparent weight of bed particles equal to their frictional drag, the particles of the bed offer less 

resistance to the flowing fluid and start to rearrange themselves [79]. Until this condition, the bed 

called a fixed bed (Figure 3.1 (A)). At the particles of the bed starts to rearrange themselves, the 

bed also, start to expand with a corresponding increase in voidage.  

With further increasing of flowing fluid velocity, each particles are starts to lose their stability, and 

separate from one another and freely supported in the flowing fluid. At this point, the bed is called 

fluidized [79] and schematically shown in Figure 3.1 (B). The increase in velocity of flowing fluid 

furthermore causes the particle of bed to separate from each another and the bed continuous to 

expands without losing their uniform character. However, the degree of agitation of the particles 

increases progressively with the increasing of flowing fluid velocity. This regime of fluidization 

condition is called particulate or homogeneous fluidization [78, 79]. In this regime, the flowing 

fluid will pass through the void space between fluidized solid particles and the fluid will not form 

bubbles [78]. The particulate fluidization regime bounded by the minimum fluidization velocity 

and the minimum bubbling velocity [78].  
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When the flowing fluid velocity is higher than the minimum bubbling velocity, two different 

phases are formed. Those phases are the dense or emulsion phase that is a continuous and the lean 

or bubble phase, which is the discontinuous phase [78, 79]. At this stage, the fluidization is called 

aggregative or bubbling fluidization (Figure 3.1 (C)). Further increase in flowing fluid velocity 

causes coalescence of the bubble and occurs in a fluidized bed of a small diameter or large height 

to diameter ratio. This condition causes the slug to occupy the whole cross-section of the fluidized 

bed. These slugs of solids alternate with slugs of gases and subsequently collapse and the carried 

solids fallback [79]. This character of the fluidized bed was schematically as portrayed in Figure 

3.1 (D).  

Finally, when the bed of fine particles fluidized at sufficiently high velocity at which terminal 

velocity of particle exceeded, the bed particle become diffused and disappears. At the bed, nearly 

complete entrainment, which needs recycling of the particles into the bed, is called lean phase 

fluidization with pneumatic transport [78, 79] (Figure 3.1 (E)).  

 

Figure 3.1 Schematics of the various flow regimes in fluid–solid systems. Fluid velocity is 

increasing from left to right [79]. 

Generally, the fluidization phenomenon in the fluidized bed is a complex process. Hence, to model 

the fluidization behavior of fluidized beds many researchers are developed different mathematical 

approaches. From all as discussed in section 2.5.2.1, the two-phase fluidization theory developed 

by Davidson and Harrison and three-phase fluidization theory developed by Kunii and Levenspiel 
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for modeling of fluidized has get more attention by many researchers. However, due to the three-

phase modeling of the fluidized bed is computationally intensive, have no significant effect on 

hydrodynamic parameters and the conceptual separation of the cloud region is unnecessary, the 

two-phase modeling approach used in this study.  
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Figure 3.2 Schematic view of processes involved in BFB gasifier 

In the modeling of the BFB gasifier, another thing that needs to be understood before developing 

the mathematical model was the processes involved in the bed and freeboard section of the reactor. 

The gasification processes involved in BFB are very complex phenomena. Figure 3.2 shows the 

process involved in the BFB gasifier technology. The raw material (biomass) was feed 

continuously using a mechanical system to the bed section of the reactor. The gasifying agent was 

provided from the bottom of the bed through-hole of the distributer. The devolatilization of 

biomass in the BFB gasifier occurs at around the inlet of the biomass to the bed of the reactor. This 

devolatilization decomposes the biomass into char, tar, and non-condensable gases. Further, the 
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produced char converted into other non-condensable gases and unconverted char. Besides, the 

initial pyrolysis tar product converted into non-condensable gases and unconverted tar in the 

secondary pyrolysis reaction stage. These processes are occurring in the dense bed section of the 

BFB gasifier. 

The dense bed of BFB has two-phase, which are emulsion and bubble phase, and modeled as a 

two-phase system [58]. The emulsion phase consists of char, gases and bed material. Due to its 

constituents, the reaction in the emulsion phase is considered as a heterogeneous reaction. The 

second section of the BFB gasifier is the freeboard section, which modeled as a one-phase system 

only. The freeboard is considered as the only consist of gas-phase and only gas-gas reaction exists 

[58]. Generally, the modeling approach of BFB used in this study is illustrated in Figure 3.3. 
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Figure 3.3 Illustration of one-dimensional modelling approach BFB gasifier 

3.2.1 Mathematical modelling of the biomass gasification 

Generally, the overall gasification process can be categorized into four zones, namely drying zone, 

pyrolysis (devolatilization) zone, oxidation zone, and gasification zone. In the case of steam is 

used as gasifying agent the oxidation zone may not occur.  

In gasification modeling of bubbling fluidized gasifier, the most biomass chemical formula was 

expressed as 𝐶𝐻𝑥𝑂𝑦 where, 𝑥 and 𝑦 are the 𝐻/𝐶 and 𝑂/𝐶 molar ratio respectively. In the primary 
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stage of devolatilization at a temperature range of 400 to 600oC, the biomass feedstock 

decomposed to form non-condensable gas (NCG), char, and tar components such as oxygenated 

compounds like voglucosan, glycolaldyede, and furfural [80]. This primary stage occur at bottom 

of BFB gasifier filled with bed material. The primary pyrolysis stage is very fast and occurs with 

a fraction of second, however, it always happens at the inlet of the feed when biomass feedstock 

in contact with hot granular material of the bed.  

3.2.1.1 Pyrolysis model 

Biomass is generally composed of three thermal polymeric materials such as cellulose, 

hemicellulose, and lignin. In the initial pyrolysis stage, these compositions of biomass molecular 

bond break-up, and the reaction occur among the decomposed products. There is a number of 

modeling approaches to model pyrolysis processes in the gasification of biomass. Generally, the 

approach of pyrolysis is broadly classified into two classes [81]. The first one is kinetic lumped 

models in which the product of biomass pyrolysis lumped into three products such as tar, NCG, 

and char, for which many kinetic schemes have been proposed for initial decomposition of biomass 

as well as for secondary decomposition of tar products. The second modeling approach of pyrolysis 

is distributed model. In this model, the infinite number of independent parallel reactions having 

different activation energies given by the Gaussian distribution function forms the pyrolysis 

product [81]. 

In this study, a kinetic lumped model proposed by Di Blasi [82] is used to model the pyrolysis of 

biomass and which was also adopted by Hejazi et al [56]. The Di Blasi pyrolysis model is a simple 

one-component with competitive reactions kinetic pyrolysis scheme. As portrayed in Figure 3.4, 

the Di Blasi pyrolysis model, the biomass is by thermochemical reaction decomposed into non-

condensable gas (𝑘1), tar (𝑘2), and solid char (𝑘3) by three competitive reactions. Tar produced 

from initial pyrolysis is further converted to non-condensable gas (𝑘4) and solid char (𝑘5). Each 

of the products are a mixture of different species, which is complex. Using the above model 

approach, the predicted result as a function of temperature shows close agreement with experiment 

data [56]. For this study, the reaction kinetics constants employed for the pyrolysis reactions 

model, which uses Arrhenius reaction kinetics parameters, are listed in Table 3.1 for wood 

biomass. 

The general equation of mass transfer model of pyrolysis is given by Equation (3.1). 
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∂𝐶𝑖
∂t

= −
𝜕

𝜕𝑥
(−𝐷𝑖

𝑑𝐶𝑖
𝑑𝑥
) +

𝜕(𝑢𝑖𝐶𝑖)

𝜕𝑥
+ 𝑟𝑖 

 (3.1) 

Where, 𝐶𝑖 is the concentration of species 𝑖 given as mass (𝑘𝑔) per unit volume (𝑚3) of space, 𝐷𝑖 

(𝑚2/𝑠) is the diffusivity, 𝑢𝑖 is the velocity(𝑚2/𝑠),  𝑟𝑖 is reaction rate expression of species 𝑖 which 

is given by production of species 𝑖 (𝑘𝑔) per unit volume (𝑚3) per unit time (𝑠). 

The Equation (3.1) is the governing equation of mass transfer for all species generated and 

transported through the volume. To apply the general equation (3.1) to pyrolysis mass balance, the 

following assumptions are made: 

 The biomass is considered as dry, that is , no moisture 

 The diffusion of volatile species is ignored 

 The convective mass transport is negligible 

 The pressure is considered as constant and  

 The particle shrinkage considered as constant. 

Gas

Char

Tar Biomass

 

Figure 3.4 Di Basil pyrolysis model scheme [82].  

From the reaction network kinetics shown on Figure 3.4 and under the assumptions given above, 

the mass conservation equation of each species given as below. 

The rate of formation of solid species, the equation becomes: 

Virgin biomass: 

k1 

k2 

k4 

k3 k5 
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∂𝐶𝐵𝑖𝑜𝑚𝑎𝑠𝑠
∂t

= 𝑟𝐵𝑖𝑜𝑚𝑎𝑠𝑠 = −(𝑘1 + 𝑘2 + 𝑘3)𝐶𝐵𝑖𝑜𝑚𝑎𝑠𝑠 
 (3.2) 

Char:  

∂𝐶𝑐ℎ𝑎𝑟
∂t

= 𝑟𝑐ℎ𝑎𝑟 = 𝑘3𝐶𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + 𝑘5𝐶𝑡𝑎𝑟 
 (3.3) 

The rate of formation of gaseous species, the equation becomes: 

Tar: 

∂𝐶𝑡𝑎𝑟
∂t

= 𝑟𝑡𝑎𝑟 = 𝑘𝑡𝐶𝐵𝑖𝑜𝑚𝑎𝑠𝑠 − 𝑘4𝐶𝑡𝑎𝑟 − 𝑘5𝐶𝑡𝑎𝑟 
 (3.4) 

Gas: 

∂𝐶gas

∂t
= rgas = k1CBiomass + k4𝐶tar 

 (3.5) 

where 𝐶𝐵𝑖𝑜𝑚𝑎𝑠𝑠 is the concentration of virgin biomass, in (𝑘𝑔/𝑚3), 𝐶𝑡𝑎𝑟 is the concentration of 

tar, in (𝑘𝑔/𝑚3), 𝐶gas is the concentration of gas, in (𝑘𝑔/𝑚3), 𝐶𝑡𝑎𝑟 is the concentration  of char, 

in (𝑘𝑔/𝑚3) and 𝑘𝑗 is the rate constants of reaction expressed in (𝑆−1) and defined by standard 

Arrhenius law given as: 

𝑘𝑗 = 𝑘0𝑗𝑒𝑥𝑝 (−
𝐸𝐴𝑗

𝑅𝑇
) 

 (3.6) 

where 𝑘𝑜𝑗 is pre-exponential factor of the reaction 𝑗, expressed in (𝑆−1),  𝑅 is the universal gas 

constant, in (𝐽𝑚𝑜𝑙−1𝐾−1), 𝐸𝐴𝑗 is the activation energy of the reaction 𝑗, in (𝐽𝑚𝑜𝑙−1) and  𝑇 is the 

operating temperature, in (𝐾). Using the kinetic parameters provided in Table 3.1, the above set 

of pyrolysis equation solved simultaneously to predict the amount of tar, gas and char as function 

of temperature over given time. 

The Di Basil pyrolysis model mechanism gives only the total amount of volatile gas obtained from 

biomass particles. The individual volatile gas composition was not known from the modeling. 

Hence, the above kinetic modeling approach is not enough to model the overall gasification 

process. The mole fraction 𝑛 of volatile gaseous 𝑗 ∈ (𝐻2, 𝐶𝑂, 𝐶𝑂2, 𝐶𝐻4) obtained from the primary 

biomass (𝑖 = 1) pyrolysis was modeled by pyrolysis product distribution Equation (3.7), which 

was also used by Agu et al. [54].   
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𝜗𝑗 =
Λ𝑗
∑ Λ𝑗𝑗

;      Λ𝑗 = 𝑐𝑗𝑇
a𝑗 

 (3.7) 

Here, 𝑇 is the mean temperature of the bed, and 𝑐𝑗 and 𝑎𝑗 are model-fitting correlations for each 

gas as listed in Table 3.2. The correlation in Equation (3.7) for the uncorrected gas mole fraction 

𝛬𝑗 is obtained in the temperature range 1000 − 1070 𝐾 based on the experimental data from pine 

wood pellets [54]. The mass fraction 𝛾𝑗 resulting from the tar cracking (𝑖 = 4 𝑎𝑛𝑑 𝑖 = 5) for each 

component 𝑗 ∈ (𝐻2, 𝐶𝑂, 𝐶𝑂2, 𝐶𝐻4, 𝑖𝑛𝑒𝑟𝑡) also outlined in Table 3.2. 

Table 3.1 Kinetic parameters used in Di Basil pyrolysis model. 

Reaction 𝑘0𝑗(𝑆
−1) 𝐸𝐴𝑗(𝑘𝐽/𝑚𝑜𝑙) ∆𝐻𝑟𝑥𝑛(𝑘𝐽/𝑘𝑔) Ref. 

1 1.30 × 108 140 64 [56] 

2 2.00 × 108 133 64 [56] 

3 1.08 × 107 121 64 [56] 

4 1.00 × 105 93.3 −42 [56] 

5 1.48 × 106 144 −42 [83] 

Table 3.2 Parameters for the light gases from biomass pyrolysis [54]. 

Gas species, 𝑗 𝑐𝑗 a𝑗 𝛾𝑗 

𝐻2 1.34 × 10−16 5.73 0.02 

𝐶𝑂 1.80 × 107 −1.87 0.56 

𝐶𝑂2 2.48 × 103 −0.70 0.11 

𝐶𝐻4 4.43 × 105 −1.50 0.09 

𝑖𝑛𝑒𝑟𝑡   0.22 

3.2.1.2 Gasification model 

In gasification of BFB gasifier following the initial pyrolysis, the reactions occur among the 

gasification agent, char, and volatile gases produced at the initial pyrolysis stage. In gasification 

reaction, char was assumed as pure carbon and tar were not involved in the reaction during 

gasification processes. The major gasification reaction considered in this gasification model is 

Water Gas-Shift reaction, Boudouard reaction, Steam gasification reaction, Hydrogenation 

(Methanation) and Steam Methane Reforming reaction. The reaction system of these gasification 

reactions is listed in Table 3.3, with their respective kinetic reaction expression.  
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Table 3.3 Major gasification reaction kinetic parameters. 

Name Stoichiometry Heat of 

reaction  

(𝒌𝑱/𝒎𝒐𝒍) 

Reaction rate (𝒌𝒎𝒐𝒍/𝒎𝟑. 𝒔) Ref. 

Boudouard  𝐶 + 𝐶𝑂2

↔ 2𝐶𝑂 

173 𝑟1 = 3.616 ×

101𝑒𝑥𝑝 (
−77390

𝑅𝑇
) (𝐶𝐶𝑂2 −

𝐶𝐶𝑂
2

𝐾𝑒𝑞1
)  

[84] 

Steam 

gasification  

𝐶 + 𝐻2𝑂

↔ 𝐶𝑂 + 𝐻2 

131 𝑟2 = 1.517 ×

104𝑒𝑥𝑝 (
−121620

𝑅𝑇
) (𝐶𝐻2𝑂 −

𝐶𝐶𝑂𝐶𝐻2

𝐾𝑒𝑞2
)  

[84] 

Methanation 𝐶 + 2𝐻2

↔ 𝐶𝐻4 

−75 𝑟3 = 4.189 ×

10−3𝑒𝑥𝑝 (
−19210

𝑅𝑇
) (𝐶𝐻2

2 −
𝐶𝐶𝐻4

𝐾𝑒𝑞3
)   

[84] 

Steam-

Methane 

Reforming 

(SMR) 

𝐶𝐻4 + 𝐻2𝑂

↔ 𝐶𝑂 + 3𝐻2 

206 𝑟4 = 7.301 ×

10−2𝑒𝑥𝑝 (
−36150

𝑅𝑇
) (𝐶𝐶𝐻4𝐶𝐻2𝑂 −

𝐶𝐶𝑂𝐶𝐻2
3

𝐾𝑒𝑞4
)  

[84] 

Water-Gas 

Shift (WGS)  

𝐶𝑂 + 𝐻2𝑂

↔ 𝐶𝑂2 +𝐻2 

−41 𝑟5 = 2.78 ×

103𝑒𝑥𝑝 (
−12560

𝑅𝑇
) (𝐶𝐶𝑂𝐶𝐻2𝑂 −

𝐶𝐶𝑂2𝐶𝐻2

𝐾𝑒𝑞2
)  

[85] 

Tar 

Cracking 

𝑡𝑎𝑟

→  𝛾𝑐𝑜𝐶𝑂

+ 𝛾𝐶𝑂2𝐶𝑂2

+ 𝛾𝐶𝐻4𝐶𝐻4

+ 𝛾𝐻2𝐻2

+ 𝛾𝑡𝑎𝑟𝑖𝑛𝑒𝑟𝑡𝑇𝑎𝑟  

− 𝑟𝑗𝑐𝑟𝑎𝑐𝑘 = (10)
4.98𝐸𝑥𝑝

−93.37

𝑅𝑇 × 𝐶𝑡𝑎𝑟 

where 𝐶𝑡𝑎𝑟 is the concentration of tar in 

gas phase 

[26] 

     

The equilibrium constant 𝐾𝑒𝑞𝑖 is a function of standard Gibbs free energy and temperature, and 

obtained from Equation (2.14). Furthermore, in modelling of gas-solid reactions, the unreacted 

shrinking core model [86] shown in Equation (3.8) was applied. This model take into account the 

effect of mass transfer and particle size. 
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𝑟𝑖 =
𝐶𝑏

1
𝑘𝑚

+
1
𝑘𝑖

 
 (3.8) 

Where, 

𝑘𝑚 =
2.06𝑈𝑔𝑎𝑠𝑅𝑒

−0.575𝑆𝑐−0.667

𝜀𝑏𝑒𝑑
 

 (3.9) 

𝑅𝑒 =
𝜌𝑔𝑈𝑔𝑎𝑠𝑑𝑑

𝜇𝑔𝑎𝑠
 

 (3.10) 

𝜇𝑔𝑎𝑠 = 1.98 × 10−5 (
𝑇

300
)
2/3

 
 (3.11) 

𝑆𝑐 =
𝜇𝑔𝑎𝑠

𝐷𝑔𝑎𝑠𝜌𝑔
 

 (3.12) 

𝐷𝑔𝑎𝑠 = 8.677 × 10
−5
𝑇1.75

𝑃
 

 (3.13) 

Where 𝜇𝑔𝑎𝑠 is the dynamic gas viscosity (𝑘𝑔 𝑚 − 1 𝑠 − 1), 𝜌𝑔 is the gas density (𝑘𝑔 𝑚 − 3), 

𝜀𝑏𝑒𝑑 is the bed voidage, 𝐶𝑏 bulk concentration (𝑘𝑚𝑜𝑙𝑒 𝑚 − 3), 𝐷𝑔𝑎𝑠 is the gas diffusivity, 𝑘𝑚 is 

the mass transfer coefficient (𝑚 𝑠 − 1), 𝑘𝑖 is the reaction rate constant, 𝑃 is the gas pressure in 

Pascal,  𝑇 is the temperature (𝐾), 𝑆𝑐 is the Schmidt number and 𝑈𝑔𝑎𝑠 is the gas superficial velocity 

(𝑚 𝑠 − 1). 

3.2.2 Mass and energy balance equations development 

3.2.2.1 Mass balance equations 

The above section discussion shows that the devolatilization and gasification reactions are highly 

dependent on temperature. In addition, the species of gases are diffused within the gasifier if the 

gas species gradient exists. This implies the product gases and their composition are also a function 

of temperature. Furthermore, the composition of gases will be affected by the temperature of the 

gasifier, which will change along with the height of the gasifier. Hence, to predict the composition 

of product gas and temperature profile along with the height of the gasifier, the mass and heat 

transfer process involved in the BFB gasifier need to be included in the model. This section of the 

research will focus on the development of heat and mass balance equations. 

In the BFB gasifier portrayed in Figure 3.3, the cross-sectional area is 𝐴 and the position along the 

height of the gasifier is represented by 𝑧 which is measured from the bottom of the gasifier. The 
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species gas following through the gasifier is assumed to follow the Ideal Gas Law. Figure 3.3 

shows the systematic approach to dense phase modeling. The continuity equation can be developed 

over the small elemental volume that have ∆𝑧 length along the gasifier as portrayed on Figure 3.3 

(b).  The differential continuity equation can be developed as follows. 

[
 
 
 
 

𝑅𝑎𝑡𝑒 𝑜𝑓 𝑚𝑎𝑠𝑠 
𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛 
𝑜𝑓 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒 𝑐𝑜𝑛𝑡𝑟𝑜𝑙 
𝑣𝑜𝑙𝑢𝑚𝑒 ]

 
 
 
 

= −

[
 
 
 
 
𝑁𝑒𝑡 𝑟𝑎𝑡𝑒 𝑜𝑓 𝑚𝑎𝑠𝑠
𝑐ℎ𝑎𝑛𝑔𝑒 𝑓𝑜𝑟

𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖) 𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒
𝑐𝑜𝑛𝑡𝑟𝑜𝑙 𝑣𝑜𝑙𝑢𝑚𝑒 𝑏𝑦 
𝑐𝑜𝑛𝑣𝑒𝑐𝑡𝑖𝑣𝑒 𝑔𝑎𝑠 𝑓𝑙𝑜𝑤 ]

 
 
 
 

− [

𝑁𝑒𝑡 𝑟𝑎𝑡𝑒 𝑜𝑓 𝑚𝑎𝑠𝑠 𝑐ℎ𝑎𝑛𝑔𝑒 

𝑓𝑜𝑟 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖) 𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒
𝑐𝑜𝑛𝑡𝑟𝑜𝑙 𝑣𝑜𝑙𝑢𝑚𝑒 𝑏𝑦 

𝑑𝑖𝑓𝑓𝑢𝑠𝑖𝑜𝑛

] +

[
 
 
 
 
𝑟𝑎𝑡𝑒 𝑜𝑓 𝑓𝑜𝑟𝑚𝑎𝑡𝑖𝑜𝑛 

𝑜𝑓 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖) 𝑏𝑦 
𝑐ℎ𝑒𝑚𝑖𝑐𝑎𝑙 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛𝑠
𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒 𝑐𝑜𝑛𝑡𝑟𝑜𝑙

𝑣𝑜𝑙𝑢𝑚𝑒 ]
 
 
 
 

 

In Equation form can be expressed as below 

∂Ci
∂t

= −
∂

∂x
(−Di

dCi
dx
) −

∂(uiCi)

∂x
+ ri 

 (3.14) 

The above equation was modified based on the two-phase modeling theory of Kunii and 

Levenspiel for the BFB gasifier. In the above equation, the concept of the net exchange rate of 

species between the bubble and emulsion phases was introduced. Including this concept into 

Equation (3.14), the mass balance differential equation for bubble and emulsion phase over the 

small elemental control volume can be developed as follows.  

I. Bubble phase mass balance 

[
 
 
 
 
 
 
 
𝑅𝑎𝑡𝑒 𝑜𝑓 𝑚𝑎𝑠𝑠 
𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛 
𝑜𝑓 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

𝑖𝑛 𝑡ℎ𝑒 𝑏𝑢𝑏𝑏𝑙𝑒 
𝑝ℎ𝑎𝑠𝑒

𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒
 𝑐𝑜𝑛𝑡𝑟𝑜𝑙 
𝑣𝑜𝑙𝑢𝑚𝑒 ]

 
 
 
 
 
 
 

= −

[
 
 
 
 
 
 
 

𝑁𝑒𝑡 𝑟𝑎𝑡𝑒 𝑜𝑓 
𝑚𝑎𝑠𝑠 𝑐ℎ𝑎𝑛𝑔𝑒

 𝑓𝑜𝑟 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

𝑖𝑛 𝑡ℎ𝑒 𝑏𝑢𝑏𝑏𝑙𝑒
𝑝ℎ𝑎𝑠𝑒 𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒
𝑐𝑜𝑛𝑡𝑟𝑜𝑙 𝑣𝑜𝑙𝑢𝑚𝑒 𝑏𝑦 

 𝑐𝑜𝑛𝑣𝑒𝑐𝑡𝑖𝑣𝑒 
𝑔𝑎𝑠 𝑓𝑙𝑜𝑤 ]

 
 
 
 
 
 
 

−

[
 
 
 
 
 
 
 
𝑁𝑒𝑡 𝑟𝑎𝑡𝑒 𝑜𝑓 
𝑚𝑎𝑠𝑠 𝑐ℎ𝑎𝑛𝑔𝑒 

𝑓𝑜𝑟 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

𝑖𝑛 𝑡ℎ𝑒 𝑏𝑢𝑏𝑏𝑙𝑒
 𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒

𝑐𝑜𝑛𝑡𝑟𝑜𝑙 𝑣𝑜𝑙𝑢𝑚𝑒 
𝑏𝑦 

𝑑𝑖𝑓𝑓𝑢𝑠𝑖𝑜𝑛 ]
 
 
 
 
 
 
 

−

[
 
 
 
 
 
 
 
 
𝑁𝑒𝑡 𝑒𝑥𝑐ℎ𝑎𝑛𝑔𝑒

𝑟𝑎𝑡𝑒 
𝑜𝑓 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

𝑏𝑒𝑡𝑤𝑒𝑒𝑛
𝑏𝑢𝑏𝑏𝑙𝑒 𝑎𝑛𝑑 
𝑒𝑚𝑢𝑙𝑠𝑖𝑜𝑛

𝑝ℎ𝑎𝑠𝑒 𝑖𝑛 𝑡ℎ𝑒 
𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 ]

 
 
 
 
 
 
 
 

+

[
 
 
 
 
 
 
 

𝑅𝑎𝑡𝑒 𝑜𝑓 
𝑓𝑜𝑟𝑚𝑎𝑡𝑖𝑜𝑛 

𝑜𝑓 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

 𝑏𝑦  𝑐ℎ𝑒𝑚𝑖𝑐𝑎𝑙
 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛𝑠
𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒 
𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 ]

 
 
 
 
 
 
 

 

The mathematical equation of each term have been expressed as follows. Rate of mass 

accumulation of species (𝑖) in the bubble phase within the control volume can be expressed as:  
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∂

∂t
(𝐴𝑏∆𝑧𝐶𝑖𝑏) 

 (3.15) 

Where 𝐴𝑏 is the bubble phase cross sectional area region in the BFB and 𝐶𝑖𝑏 is the concentration 

of the species (𝑖) in the bubble phase. 𝐴𝑏 calculated as follows. 

𝐴𝑏 = 𝜀𝑏𝐴  (3.16) 

Where 𝜀𝑏 is volume fraction of bubble phase and 𝐴 is the bed cross sectional area. 

Net rate of mass change for species (𝑖) in the bubble phase, within the control volume by 

convective gas flow can be expressed as: 

𝑢𝑏𝐴𝑏𝐶𝑖𝑏|𝑧+∆𝑧 − 𝑢𝑏𝐴𝑏𝐶𝑖𝑏|𝑧  (3.17) 

Where 𝑢𝑏 is the bubble velocity and expressed as function of minimum fluidization velocity 𝑢𝑚𝑓, 

superficial gas velocity 𝑢𝑜 and rise velocity of single bubble relative to emulsion solids 𝑢𝑏𝑟. In 

fluidized bed, the multiple bubble rising velocity was correlated to other parameter by Davidson 

and Harrison expression [87].  

𝑢𝑏 = 𝑢𝑜 − 𝑢𝑚𝑓 + 𝑢𝑏𝑟  (3.18) 

The rising velocity of single bubble 𝑢𝑏𝑟 correlated to bubble size by the following equation [87, 

88].  

𝑢𝑏𝑟 = 0.711(𝑔𝑑𝑏)
1/2  (3.19) 

The minimum fluidization velocity 𝑢𝑚𝑓  and the Archimedes number 𝐴𝑟 respectively was 

calculated by the following expression [87, 89]. 

𝑢𝑚𝑓 = 𝜇𝑔
[(𝐶1)

2 + 𝐶2𝐴𝑟]
1/2 − 𝐶1

𝑑𝑝𝜌𝑔
 

 (3.20) 

𝐴𝑟 =
𝑑𝑝

3𝜌𝑔(𝜌𝑠 − 𝜌𝑔)𝑔

𝜇𝑔2
 

 (3.21) 

where, 𝐶1 = 27.2 𝑎𝑛𝑑 𝐶2 = 0.0408 values recommended by Chiterster [87], 𝑑𝑝 is the particle 

diameter, 𝜌𝑔 is the average densities of the gas, 𝜌𝑠 is average density of solids species and 𝜇𝑔 is 

the average viscosity of gas species.  

The average bubble diameter 𝑑𝑏 in the bubble region is related to bed hydrodynamics. It was 

assumed that bubbles are uniform in size at any cross section of the bed but grow by coalescence 
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with other bubbles while rising throughout the bed. Mori and Wen [88, 90] proposed a semi-

empirical correlation for bubble growth that is a function of bed height 𝑧 and diameter 𝑑𝑡 are given 

as follows. 

𝑑𝑏 = 𝑑𝑏𝑚 − (𝑑𝑏𝑚 − 𝑑𝑏𝑜)𝑒𝑥𝑝 (
0.3𝑧

𝑑𝑡
)    

 (3.22) 

Where, 𝑑𝑏𝑚 is maximum limiting size of bubble expected in a very dep bed and expressed as: 

𝑑𝑏𝑚 = 2.59 [
𝜋

4
𝑑𝑡
2 (
𝑢𝑜 − 𝑢𝑚𝑓

𝑔0.5
)]
0.4

 
 (3.23) 

In addition, 𝑑𝑏𝑜 initial bubble diameter depends on the type of distributor plate. For perforated 

plate distributors, 𝑑𝑏𝑜  can be calculated by: 

𝑑𝑏𝑜 = 1.38 [
𝜋𝑑𝑡

2(𝑢𝑜 − 𝑢𝑚𝑓)

4𝑔0.5𝑛𝑑
]

0.4

 
 (3.24) 

Where, 𝑛𝑑 is the number of perforations. 

Net rate of mass change for species (𝑖) in the bubble, within the control volume by diffusion can 

be expressed as: 

{−𝐴𝑏𝐷𝑖𝑏
𝜕𝐶𝑖𝑏
𝜕𝑧

|
𝑧+∆𝑧

} − {−𝐴𝑏𝐷𝑖𝑏
𝜕𝐶𝑖𝑏
𝜕𝑧

|
𝑧
} 

 (3.25) 

Where 𝐷𝑖𝑏 is the diffusion coefficient of species  (𝑖) gas. The diffusion coefficient of gas shows 

the flow type is plug flow. The diffusion coefficient value used in this model was calculated by 

method of Fairbanks and Wilke [91].  

𝐷𝑖𝑏 =
1 − 𝑦𝑖𝑏

∑
𝑦𝑖𝑏
𝐷𝑏𝑖𝑘𝑘≠𝑖

 
 (3.26) 

Where 𝑦𝑖𝑏 is the mole fraction of species (𝑖) in the bubble phase and 𝐷𝑏𝑖𝑘 is the binary diffusion 

coefficient of species (𝑖) with respect to each species (𝑘) in the bubble phase. To obtain the values 

of binary diffusion of species an empirical correlation developed by Fuller et al. [92, 93] was used 

in this model. 
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𝐷𝑏𝑖𝑘 =
10−7𝑇1.75 (

1
𝑀𝑤𝑖

+
1

𝑀𝑤𝑘
)
0.5

𝑃 [(𝑉𝑖)
1
3 + (𝑉𝑘)

1
3]
2  

 (3.27) 

Where 𝑀𝑤𝑖 and 𝑀𝑤𝑘 is the molecular weight of species 𝑖 and 𝑘.  𝑉𝑘 and 𝑉𝑖 is the diffusion volume 

for species 𝑘 or 𝑖 respectively, as given in Table 3.4. 

Table 3.4 Diffusion volumes for species [92, 93]. 

Species 𝑖 and/or 𝑘 Diffusion volume for species 𝑖 or 𝑘 

𝐻2 7.07 

𝐶𝑂 18.9 

𝐶𝑂2 26.9 

𝐻2𝑂 12.7 

𝐶𝐻4 24.4 

Net exchange rate of species (𝑖) between bubble and emulsion phase in the control volume can be 

expressed as: 

𝐴𝑏∆𝑧𝐾𝑏𝑒(𝐶𝑖𝑏 − 𝐶𝑖𝑒)  (3.28) 

Where 𝐾𝑏𝑒 is the mass transfer coefficient between bubble and emulsion phase which is estimated 

from Kunii and Levenspiel empirical correlation [87]. The inter phase mass transfer coefficient 

between bubble and emulsion phase is depend on the mass transfer coefficient from emulsion side 

𝐾𝑐𝑒 and the mass transfer coefficient from bubble side 𝐾𝑏𝑐 and their expression is as follows: 

1

𝐾𝑏𝑒
=

1

𝐾𝑏𝑐
+

1

𝐾𝑐𝑒
 

 (3.29) 

𝐾𝑐𝑒 = 6.77 (
𝐷𝑖𝑒𝜀𝑚𝑓𝑢𝑏𝑟

𝑑𝑏
3 )

0.5

 
 (3.30) 

𝐾𝑏𝑐 =
4.5𝑢𝑚𝑓

𝑑𝑏
+ (

5.85𝐷𝑖𝑏
0.5𝑔0.25

𝑑𝑏
5/4

) 
 (3.31) 

Where 𝜀𝑚𝑓 is the void fraction at minimum fluidization condition and estimated from expression 

given below [94].  

𝜀𝑚𝑓 = 0.478𝐴𝑟−0.018  (3.32) 

Rate of formation of species (𝑖) by chemical reactions within the control volume can be given as: 
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𝐴𝑏∆𝑧𝑅𝑖𝑏  (3.33) 

Where: 

𝑅𝑖𝑏 =∑𝑣𝑖𝑗𝑟𝑗𝑏

5

1

 

 (3.34) 

Finally, the overall material balance for bubble phase within the control volume can be expressed 

as follows by combining Equations (3.15), (3.17), (3.25), (3.28) and (3.33) into bubble phase mass 

balance equation. 

 
∂

∂t
(𝐴𝑏∆𝑧𝐶𝑖𝑏) = −{𝑢𝑏𝐴𝑏𝐶𝑖𝑏|𝑧+∆𝑧 − 𝑢𝑏𝐴𝑏𝐶𝑖𝑏|𝑧}

− [{−𝐴𝑏𝐷𝑏𝑖
𝜕𝐶𝑖𝑏
𝜕𝑧

|
𝑧+∆𝑧

} − {−𝐴𝑏𝐷𝑏𝑖
𝜕𝐶𝑖𝑏
𝜕𝑧

|
𝑧
}]

− 𝐴𝑏∆𝑧𝐾𝑏𝑒(𝐶𝑖𝑏 − 𝐶𝑖𝑒) + 𝐴𝑏∆𝑧𝑅𝑖𝑏 

 (3.35) 

Dividing both sides of this expression by 𝐴∆𝑍 and letting ∆𝑧 → 0, we obtain the following 

differential equation. 

𝜕(𝜀𝑏𝐶𝑖𝑏)

𝜕𝑡
= −

𝜕(𝑢𝑏𝜀𝑏𝐶𝑖𝑏)

𝜕𝑧
+
𝜕

𝜕𝑧
(𝐷𝑖𝑏𝜀𝑏

𝜕𝐶𝑖𝑏
𝜕𝑧

) − 𝐾𝑏𝑒𝜀𝑏(𝐶𝑖𝑏 − 𝐶𝑖𝑒) + 𝜀𝑏𝑅𝑖𝑏 
 (3.36) 

After taking partial derivative of Equation (3.36) and rearranging it, we can obtain the following 

differential equation. 

∂𝐶𝑖𝑏
∂t

= 𝐷𝑖𝑏
𝜕2𝐶𝑖𝑏
𝜕𝑧2

+
𝜕𝐷𝑖𝑏
𝜕𝑧

𝜕𝐶𝑖𝑏
𝜕𝑧

− 𝑢𝑏
𝜕𝐶𝑖𝑏
𝜕𝑧

− 𝐶𝑖𝑏
𝜕𝑢𝑏
𝜕𝑧

− 𝐾𝑏𝑒(𝐶𝑖𝑏 − 𝐶𝑖𝑒) + 𝑅𝑖𝑏 
 (3.37) 

Where, 𝑖 stands for H2, CO, CO2, CH4, and H2O. 

In above Equation (3.37) the last term 𝑅𝑖𝑏 is the chemical reaction of gas component 𝑖 in the bubble 

phase, which includes the consumption and generation of gasification stage. The sign of generation 

is ‘+‘; the sign of consumption is ‘-’, and the specific contents are portrayed in Table 3.5. 

II. Emulsion phase mass balance 

The mass balance equation for emulsion phase also derived in similar fashion as Equation (3.36). 

In emulsion phase, the gas flows at the minimum fluidization velocity. This implies that the 

emulsion region can have volume fraction at minimum fluidization, 𝜀𝑚𝑓.  Therefore, the particle 
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volume fraction over the emulsion region can be given as 1 − 𝜀𝑚𝑓 [87]. But, in derivation we may 

use 𝜀𝑒 = 1 − 𝜀𝑏. 

Table 3.5  Lists of generation and consumption of various gas components in bubble phase. 

Gas component 𝑖 𝑅𝑖𝑏 = ∑ 𝑣𝑖𝑗𝑟𝑗𝑏
5
1   

𝐻2  ∑ 𝑣𝑖𝑗𝑟𝐻2,𝑏 = 3𝑟4 + 𝑟5
5
1 + 𝛾𝐻2𝑟𝑐𝑟𝑎𝑐𝑘 +

0.5𝛾𝑖𝑛𝑒𝑟𝑡𝑟𝑐𝑟𝑎𝑐𝑘  

𝐶𝑂  ∑ 𝑣𝑖𝑗𝑟𝐶𝑂,𝑏 = 𝑟4 − 𝑟5
5
1 + 𝛾𝐶𝑂𝑟𝑐𝑟𝑎𝑐𝑘 +

0.5𝛾𝑖𝑛𝑒𝑟𝑡𝑟𝑐𝑟𝑎𝑐𝑘   

𝐶𝑂2  ∑ 𝑣𝑖𝑗𝑟𝐶𝑂2,𝑏 = 𝑟5
5
1 + 𝛾𝐶𝑂𝑟𝑐𝑟𝑎𝑐𝑘  

𝐻2𝑂  ∑ 𝑣𝑖𝑗𝑟𝐻2𝑂,𝑏 = −𝑟4 − 𝑟5
5
1   

𝐶𝐻4  ∑ 𝑣𝑖𝑗𝑟𝐶𝐻4,𝑏 = −𝑟4
5
1 + 𝛾𝐶𝐻4𝑟𝐶𝐻4𝑐𝑟𝑎𝑐𝑘  

Therefore, the emulsion phase mass balance equation can be given as follows: 

 
∂

∂t
(𝐴𝑒𝜀𝑚𝑓∆𝑧𝐶𝑖𝑒)

= −{𝑢𝑒𝐴𝑒𝜀𝑚𝑓∆𝑧𝐶𝑖𝑒|𝑧+∆𝑧 − 𝑢𝑒𝐴𝑒𝜀𝑚𝑓∆𝑧𝐶𝑖𝑒|𝑧}

− [{−𝐴𝑒𝐷𝑖𝑒𝜀𝑚𝑓
𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧+∆𝑧

} − {−𝐴𝑒𝐷𝑖𝑒𝜀𝑚𝑓
𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧
}]

+ 𝐴𝑏∆𝑧𝐾𝑏𝑒(𝐶𝑖𝑏 − 𝐶𝑖𝑒) + 𝐴𝑒∆𝑧𝜀𝑚𝑓𝑅𝑖𝑒 

 (3.38) 

Where, 𝐴𝑒 is the cross sectional area of emulsion phase given by 𝐴 × 𝜀𝑒. 𝐷𝑖𝑒 is the diffusion 

coefficient in the emulsion region for species (𝑖) with respect to total gas mixture which shows the 

mixed flow. In similar fashion to 𝐷𝑖𝑏, the value of 𝐷𝑖𝑒 was calculated from expression of Equation 

(3.26) and (3.27).  𝐶𝑖𝑒 is the species concentration in the emulsion phase, 𝜀𝑒 is the emulsion phase 

volume fraction and 𝑢𝑒 is the emulsion velocity. Dividing Equation (3.38) both sides by 𝐴𝜀𝑚𝑓∆𝑧 

and taking limit of ∆𝑧 → 0, we can obtain the following differential equation. 

𝜕(𝜀𝑒𝐶𝑖𝑒)

𝜕𝑡
= −

𝜕(𝑢𝑒𝜀𝑒𝐶𝑖𝑒)

𝜕𝑧
+
𝜕

𝜕𝑧
(𝐷𝑖𝑒𝜀𝑒

𝜕𝐶𝑖𝑒
𝜕𝑧

) + 𝐾𝑏𝑒
𝜀𝑏
𝜀𝑚𝑓

(𝐶𝑖𝑏 − 𝐶𝑖𝑒) + 𝜀𝑒𝑅𝑖𝑒 
 (3.39) 

Where, 
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𝑅𝑖𝑒 =∑𝑣𝑖𝑗𝑟𝑗𝑒

5

𝑗=1

 

 (3.40) 

After taking partial derivative of Equation (3.39) and rearranging it, we can obtain the following 

differential equation. 

∂𝐶𝑖𝑒
∂t

= 𝐷𝑖𝑒
𝜕2𝐶𝑖𝑒
𝜕𝑧2

+
𝜕𝐷𝑖𝑒
𝜕𝑧

𝜕𝐶𝑖𝑒
𝜕𝑧

− 𝑢𝑒
𝜕𝐶𝑖𝑒
𝜕𝑧

− 𝐶𝑖𝑒
𝜕𝑢𝑒
𝜕𝑧

+
𝜀𝑏

𝜀𝑒𝜀𝑚𝑓
𝐾𝑏𝑒(𝐶𝑖𝑏 − 𝐶𝑖𝑒) + 𝑅𝑖𝑒 

 (3.41) 

Where, 𝑖 stands for H2, CO, CO2, CH4, and H2O. 

The last term on the right side of Equation (3.41) is the chemical reaction of gas component 𝑖 in 

the emulsion phase and the specific contents are portrayed in Table 3.6. 

Table 3.6 Lists of generation and consumption of various gas components in the emulsion phase. 

Gas component 𝑖 𝑅𝑖𝑒 = ∑ 𝑣𝑖𝑗𝑟𝑗𝑒
5
1   

𝐻2  ∑ 𝑣𝑖𝑗𝑟𝐻2,𝑒 = 𝑟2 − 2𝑟3 + 3𝑟4 + 𝑟5
5
1     

𝐶𝑂  ∑ 𝑣𝑖𝑗𝑟𝐶𝑂,𝑒 = 2𝑟1 + 𝑟2 + 𝑟4 − 𝑟5
5
1   

𝐶𝑂2  ∑ 𝑣𝑖𝑗𝑟𝐶𝑂2,𝑒 = −𝑟1 + 𝑟5
5
1   

𝐻2𝑂  ∑ 𝑣𝑖𝑗𝑟𝐻2𝑂,𝑒 =
5
1 −𝑟2 − 𝑟4 − 𝑟5  

𝐶𝐻4  ∑ 𝑣𝑖𝑗𝑟𝐻2,𝑒 = 𝑟3 − 𝑟4
5
1   

𝐶𝑎𝑟𝑏𝑜𝑛 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑒 ∑ (𝑣𝑐𝑗𝑟𝑗𝑒)
5
𝑗=1 = −𝑟1 − 𝑟2 − 𝑟3  

III. Mass balance of char 

In fluidized bed, the interphase mass transfer was enhanced by mixing of gas and solids in the 

dense bed. The bed materials are assumed to be act as inert solid. Therefore, the concentration of 

the solid species from the gasification in the emulsion phase 𝐶𝑐𝑠 is expressed as relative weight 

fraction of solid species with respect to total average weight of inert bed material hold up in the 

BFB gasifier during steady state operation. The mass balance of solid char on inter bed can be 

expressed as follows. 

𝑀𝑠𝑜𝑙𝑖𝑑 (
𝜕𝐶𝑐𝑠
𝜕𝑡

) = (𝑊𝑖𝑛 −𝑊𝑜𝑢𝑡) − 𝑀𝑠𝑜𝑙𝑖𝑑

𝜕(𝑢𝑒𝐶𝑐𝑠)

𝜕𝑧
+ 𝑀𝑠𝑜𝑙𝑖𝑑𝐷𝑠𝑟

𝜕2𝐶𝑐𝑠
𝜕𝑧2

+ 𝑅𝑐𝑠 

 (3.42) 
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After taking partial derivative of Equation (3.42) and rearranging it, we can obtain the following 

differential equation. 

𝑀𝑠𝑜𝑙𝑖𝑑 (
𝜕𝐶𝑐𝑠
𝜕𝑡

) = 𝑀𝑠𝑜𝑙𝑖𝑑𝐷𝑠𝑟
𝜕2𝐶𝑐𝑠
𝜕𝑧2

+ (𝑊𝑖𝑛 −𝑊𝑜𝑢𝑡) − 𝑀𝑠𝑜𝑙𝑖𝑑 (𝐶𝑐𝑠
𝜕𝑢𝑒
𝜕𝑧

+ 𝑢𝑒
𝜕𝐶𝑐𝑠
𝜕𝑧

)

+ 𝑅𝑐𝑠 

 (3.43) 

Where, 𝑊𝑖𝑛 is the rate of char into gasification process after initial devolatilization, 𝑊𝑜𝑢𝑡 is the 

rate of char leaves from the gasification process and defined as ratio of mass of char in the bed and 

the mean residence time of solid bed material.  

𝑊𝑜𝑢𝑡 =
𝑀𝑠𝑜𝑙𝑖𝑑𝐶𝑐𝑠

𝜏
 

 (3.44) 

In the above equation, 𝜏 is the mean solid residence time and expressed as the ratio of solids hold-

up inside the BFB gasifier divided by mass flow rate of solid leaving the dense bed. If 𝑀𝑐ℎ𝑎𝑟 is 

the char hold up (𝑘𝑔) in the dense bed and 𝑀𝑐ℎ𝑎𝑟
̇  is the mass flow rate of char (𝑘𝑔/𝑠) leaving the 

dense bed. The mean residence time of solids hold-up can be approximated by: 

𝜏 =
𝑀𝑐ℎ𝑎𝑟

𝑀𝑐ℎ𝑎𝑟
̇

 
 (3.45) 

In Equation (3.43), 𝑅𝑐𝑠 is the rate of generation /consumption of solid char species in the emulsion 

phase and given as below. 

𝑅𝑐𝑠 =∑ (𝑀𝑤𝑐𝑣𝑐𝑗𝑟𝑗𝑒)
5

𝑗=1
(
𝑉𝑔𝑎𝑠,𝑒 × 𝜀𝑚𝑓

𝑉𝑔𝑎𝑠,𝑒(1 − 𝜀𝑚𝑓)
) (
𝑀𝑠𝑜𝑙𝑖𝑑

𝜌𝑠𝑜𝑙𝑖𝑑
+
𝑀𝑠𝑜𝑙𝑖𝑑𝐶𝑐𝑠

𝜌𝑐
) 

 (3.46) 

Where, 𝑀𝑤𝑐 molecular weight of char, 𝑟𝑗𝑒 is the reaction rate of the 𝑗𝑡ℎ chemical reaction, 𝐶𝑐𝑠 is 

the weight fraction of char with respect to inert bed material, 𝜌𝑐 is the density of char, 𝜌𝑠𝑜𝑙𝑖𝑑 is the 

density of the inert bed material, 𝑀𝑠𝑜𝑙𝑖𝑑 is the total weight of inert bed material. (
𝑉𝑔𝑎𝑠,𝑒×𝜀𝑚𝑓

𝑉𝑔𝑎𝑠,𝑒(1−𝜀𝑚𝑓)
) is 

the fraction of gas in emulsion phase to particle in emulsion phase and 𝑉𝑔𝑎𝑠,𝑒 is the emulsion phase 

total gas volume in entire bed. In the expression of 𝑅𝑐𝑠 the term 𝑣𝑐𝑗𝑟𝑗𝑒 is expressed in Table 3.6. 

3.2.2.2 Energy balance equations  

The energy balance and heat transfer equations were developed in similar way as derived for mass 

balance for each species of gases and solids in BFB gasifier. The conservation of energy concept 
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developed in Welty et al. [95] and Luyben [96] is used to develop the general energy balance 

equation for elemental control volume of bubble and emulsion phase show on Figure 3.3. 

[
 
 
 
 
 

𝑅𝑎𝑡𝑒 𝑜𝑓
𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛
𝑜𝑓 𝑒𝑛𝑒𝑟𝑔𝑦 
𝑤𝑖𝑡ℎ𝑖𝑛 

𝑒𝑙𝑒𝑚𝑒𝑛𝑡 𝑜𝑓 𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 ]

 
 
 
 
 

=

[
 
 
 
 
 

𝑁𝑎𝑡𝑒 𝑟𝑎𝑡𝑒 
𝑜𝑓 𝑎𝑑𝑑𝑖𝑡𝑖𝑜𝑛  
𝑜𝑓 ℎ𝑒𝑎𝑡 𝑡𝑜
𝑡ℎ𝑒 𝑐𝑜𝑛𝑡𝑟𝑜𝑙

𝑣𝑜𝑙𝑢𝑚𝑒 𝑓𝑟𝑜𝑚 𝑖𝑡𝑠 
𝑠𝑢𝑟𝑟𝑜𝑢𝑛𝑑𝑖𝑛𝑔 ]

 
 
 
 
 

−

[
 
 
 
 
 
𝑁𝑎𝑡𝑒 𝑟𝑎𝑡𝑒 
𝑜𝑓 𝑤𝑜𝑟𝑘 
𝑑𝑜𝑛𝑒 𝑏𝑦

𝑡ℎ𝑒 𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 𝑜𝑛 𝑖𝑡𝑠 
𝑠𝑢𝑟𝑟𝑜𝑢𝑛𝑑𝑖𝑛𝑔 ]

 
 
 
 
 

−

[
 
 
 
 
 
𝑁𝑒𝑡 𝑟𝑎𝑡𝑒 𝑜𝑓 𝑒𝑛𝑒𝑟𝑔𝑦
𝑓𝑙𝑜𝑤 𝑖𝑛𝑡𝑜 𝑣𝑜𝑙𝑢𝑚𝑒 

𝑜𝑓 𝑒𝑙𝑒𝑚𝑒𝑛𝑡
𝑣𝑜𝑙𝑢𝑚𝑒 𝑏𝑦 𝑐𝑜𝑛𝑣𝑒𝑐𝑡𝑖𝑜𝑛

𝑎𝑛𝑑/𝑜𝑟
𝑑𝑖𝑓𝑓𝑢𝑠𝑖𝑜𝑛 ]

 
 
 
 
 

 

In the above terms, the energy transfer by work is zero and not included in the derivation of energy 

balance for emulsion and bubble phase.  

I. Emulsion phase energy balance equations 

The energy balance of emulsion phase over control volume of emulsion phase element is as 

follows. 

[
 
 
 
 
 

𝑅𝑎𝑡𝑒 𝑜𝑓
𝑒𝑛𝑒𝑟𝑔𝑦

𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛
𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒
𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 ]

 
 
 
 
 

=

[
 
 
 
 
 
 
 
𝑅𝑎𝑡𝑒 𝑜𝑓
𝑒𝑛𝑒𝑟𝑔𝑦

𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑖𝑜𝑛
𝑏𝑦 𝑐ℎ𝑒𝑚𝑖𝑐𝑎𝑙
𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛
𝑤𝑖𝑡ℎ𝑖𝑛
𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 ]

 
 
 
 
 
 
 

+

[
 
 
 
 
 
 
𝑁𝑒𝑡 𝑟𝑎𝑡𝑒 𝑜𝑓
𝑒𝑛𝑒𝑟𝑔𝑦
𝑐ℎ𝑎𝑛𝑔𝑒
𝑖𝑛 𝑡ℎ𝑒
𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 𝑏𝑦
𝑐𝑜𝑛𝑑𝑢𝑐𝑡𝑖𝑜𝑛]

 
 
 
 
 
 

+

[
 
 
 
 
 
𝑁𝑒𝑡 ℎ𝑒𝑎𝑡
𝑒𝑥𝑐ℎ𝑎𝑛𝑔𝑒
𝑟𝑎𝑡𝑒 𝑏𝑦 𝑡ℎ𝑒 
𝑚𝑎𝑡𝑒𝑟𝑖𝑎𝑙𝑠
𝑎𝑛𝑑 𝑐ℎ𝑎𝑟 
𝑝𝑎𝑟𝑡𝑖𝑐𝑙𝑒𝑠 ]

 
 
 
 
 

+ 

[
 
 
 
 
 
 
 

𝑁𝑒𝑡 ℎ𝑒𝑎𝑡
𝑒𝑥𝑐ℎ𝑎𝑛𝑔𝑒 𝑟𝑎𝑡𝑒 𝑓𝑜𝑟

𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

𝑏𝑒𝑡𝑤𝑒𝑒𝑛
𝑏𝑢𝑏𝑏𝑙𝑒 𝑎𝑛𝑑 𝑒𝑚𝑢𝑙𝑠𝑖𝑜𝑛

𝑝ℎ𝑎𝑠𝑒𝑠
𝑖𝑛 𝑡ℎ𝑒 𝑐𝑜𝑛𝑡𝑟𝑜𝑙

𝑣𝑜𝑙𝑢𝑚𝑒 ]
 
 
 
 
 
 
 

−

[
 
 
 
 
 
 

𝑁𝑒𝑡 𝑟𝑎𝑡𝑒 𝑜𝑓
𝑒𝑛𝑒𝑟𝑔𝑦 𝑐ℎ𝑎𝑛𝑔𝑒

𝑓𝑜𝑟 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

𝑜𝑣𝑒𝑟 𝑡ℎ𝑒 𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 𝑏𝑦 
𝑐𝑜𝑛𝑣𝑒𝑐𝑡𝑖𝑣𝑒
𝑔𝑎𝑠 𝑓𝑙𝑜𝑤 ]

 
 
 
 
 
 

−

[
 
 
 
 
 
 
𝑁𝑒𝑡 𝑟𝑎𝑡𝑒 𝑜𝑓
𝑒𝑛𝑒𝑟𝑔𝑦
𝑐ℎ𝑎𝑛𝑔𝑒

𝑓𝑜𝑟 𝑠𝑝𝑒𝑐𝑖𝑒𝑠 (𝑖)

𝑖𝑛 𝑡ℎ𝑒 𝑐𝑜𝑛𝑡𝑟𝑜𝑙
𝑣𝑜𝑙𝑢𝑚𝑒 𝑏𝑦 
𝑑𝑖𝑓𝑓𝑢𝑠𝑖𝑜𝑛 ]

 
 
 
 
 
 

 

In the above equation the first four terms of the Equation relates the net rate of heat addition by 

reaction, conduction and net heat exchange rates between the emulsion and bubble phase. The two 

last terms of the equation relates the net energy flow into emulsion control volume by convection 

and diffusion respectively.  
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Rate of energy accumulation within the control volume can be expressed individually for 

homogenous and heterogeneous phase as below. 

{𝜀𝑚𝑓∆𝑧∑
𝜕(𝐴𝑒𝐶𝑖𝑒𝐶𝑝𝑒,𝑖𝑇𝑒)

𝜕𝑡

5

𝑖=1
}
ℎ𝑜𝑚𝑜

+ {(1 − 𝜀𝑚𝑓)∆𝑧∑
𝜕(𝐴𝑒𝐶𝑖𝑒𝐶𝑝𝑒,𝑖𝑇𝑒)

𝜕𝑡

2

𝑖=1
}
ℎ𝑒𝑡𝑒𝑟𝑜

 
 (3.47) 

Where 𝐶𝑝𝑒,𝑖 is the specific heat of species at a specified emulsion phase temperature 𝑇𝑒 in the emulsion 

phase. 𝐶𝑝𝑒,𝑖 is the function of  temperature and determined by the following correlation [53]. 

𝐶𝑝𝑒,𝑖 = 𝑅 × (A+ B(
T𝑒 + 𝑇𝑜
2

)+
C

3
(𝑇𝑒

2 + 𝑇𝑜
2 + 𝑇𝑒𝑇𝑜)+

D

𝑇𝑒𝑇𝑜
) 

 (3.48) 

The terms 𝐴, 𝐵, 𝐶 𝑎𝑛𝑑 𝐷 are the specific gas species coefficients, which are shown in Table 3.7. 

The specific heat of inert bed material [97] and solid carbon (char) [49] was calculated by the 

following correlation. 

𝐶𝑝𝑐ℎ𝑎𝑟 = 17.166 + 4.271
𝑇𝑒
1000

−
8.79 × 105

𝑇𝑒
2   [𝑘𝐽/𝑘𝑚𝑜𝑙 𝐾] 

 (3.49) 

𝐶𝑝𝑠𝑜𝑙𝑖𝑑 = (166.228 − 36.857 × 10−3𝑇𝑒 + 8.9291 × 10
5𝑇𝑒

−2 − 2095𝑇𝑒
−0.5

+ 48.706 × 𝑇𝑒
−3 {(1 −

𝑇𝑒
847

)
−0.08731

− 1}) /𝑀𝑠𝑜𝑙𝑖𝑑  𝑓𝑜𝑟 260 ≤ 𝑇𝑒

≤ 844 𝐾 and 

𝐶𝑝𝑠𝑜𝑙𝑖𝑑 = (65.277 + 5.5288 × 10
−3𝑇𝑒 − 18.463 × 10

5𝑇𝑒
−2)/𝑀𝑠𝑜𝑙𝑖𝑑    𝑓𝑜𝑟 866 ≤ 𝑇𝑒

≤ 1676 𝐾 

 

(3.50) 

Where 𝑀𝑠𝑜𝑙𝑖𝑑 is the molecular weight of inert bed material. 

Rate of energy generation by chemical reaction within control volume can be determined by the 

following expression.  

𝐴𝑒∆𝑧𝜀𝑚𝑓∑ 𝑅𝑖𝑒𝐻𝑖𝑒
5

𝑖=1
+ 𝑅𝑐𝑠𝐻𝑐ℎ𝑎𝑟 

 (3.51) 

in which 𝐻𝑐ℎ𝑎𝑟 is the specific enthalpy of char (𝑘𝐽/𝑘𝑔) and can be expressed as: 

𝐻𝑐ℎ𝑎𝑟 =
1

𝑀𝑤𝑐
(𝐻298,𝑐

0 + 𝐶𝑝𝑒,𝑐𝑇𝑒) 
 (3.52) 

Net rate of energy change in the control volume of emulsion phase by conduction defined by: 
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{𝐴𝑒𝜀𝑚𝑓𝜆𝑠
∗ 𝜕𝑇𝑒
𝜕𝑧
|
𝑧+∆𝑧

} − {𝐴𝑒𝜀𝑚𝑓𝜆𝑠
∗ 𝜕𝑇𝑒
𝜕𝑧
|
𝑧
} 

 (3.53) 

In the above expression 𝜆𝑠
∗
 is the solid thermal conductivity and estimated from the formula 

represented by Di Blasi and Colomba [98].  

Table 3.7 Heat of formation of species 𝑖 at 298K, Gibbs energy of formation of species 𝑖 at 

298K and the coefficients of specific heat capacity for empirical equation [53] 

Gas 

species 
∆𝐻𝑂

𝑜(
𝑘𝐽

𝑚𝑜𝑙
) ∆𝐺𝑂

𝑜(
𝑘𝐽

𝑚𝑜𝑙
) 

𝐴 103𝐵 106𝐶 10−5𝐷 𝑇𝑚𝑎𝑥[𝐾] 

𝐻2 0 0 3.249 0.422 - 0.083 3000 

𝐶𝑂 -110525 -137169 3.376 0.557 - -0.031 2500 

𝐶𝑂2 -393509 -394359 5.457 1.045 - -1.157 2000 

𝐻2𝑂 -241818 -228572 3.470 1.450 - 0.121 2000 

𝐶𝐻4 -74520 -50460 1.702 9.081 -2.164 - 1500 

𝐶 0 0 1.771 0.771 - -0.867 2000 

𝑁2 0 0 3.280 0.593 - 0.040 2000 

𝜆𝑠
∗ = 𝜀𝑏𝜆𝑟𝑔 + 𝜀𝑏

𝜆𝑠

[
𝜆𝑠

(𝑑𝑝𝜆𝑟𝑠)
+ 1.43(1 − 1.2𝜀𝑏)]

 
 (3.54) 

𝜆𝑠 = 0.0013 + 0.05(𝑇𝑒/1000) + 0.63(𝑇𝑒/1000)
2  (3.55) 

𝜆𝑟𝑔 = 4𝜎0.05𝑇𝑏
3 and 𝜆𝑟𝑠 = 4𝜎0.85𝑇𝑒

3  (3.56) 

Where 𝜎 is the Stefan Boltzmann constant. 

Net heat exchange rate for species (𝑖) between bubble and emulsion phases in the control volume 

described as: 

𝐴𝑏∆𝑧𝐻𝑏𝑒(𝑇𝑏 − 𝑇𝑒)  (3.57) 

In the above expression, 𝑇𝑏 and 𝑇𝑒 are the temperatures of bubble and emulsion phase respectively. 

𝐻𝑏𝑒 is the interphase volumetric heat transfer coefficient between bubble and emulsion phase, 

estimated from Kunii and Levenspiel [87] expression. 

1

𝐻𝑏𝑒
=

1

𝐻𝑏𝑐
+

1

𝐻𝑐𝑒
 

 (3.58) 
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 Where, 𝐻𝑏𝑐 and 𝐻𝑐𝑒 are the bubble side heat transfer volumetric coefficient and emulsion side 

heat transfer volumetric coefficient respectively and given as: 

𝐻𝑐𝑒 = 6.78 (
𝜀𝑚𝑓𝜆𝑔𝜌𝑔𝐶𝑝𝑒,𝑔𝑢𝑏

𝑀𝑤𝑔𝑑𝑏
3 ) 

 (3.59) 

𝐻𝑏𝑐 = (
4.5(𝑢𝑚𝑓𝜌𝑔𝐶𝑝𝑏,𝑔)

𝑀𝑤𝑔𝑑𝑏
) +

5.85 ((
𝜆𝑔𝜌𝑔𝐶𝑝𝑏,𝑔
𝑀𝑤𝑔

)
1/2

)𝑔1/4

𝑑𝑏
5/4

 

 (3.60) 

Where, 𝐶𝑝𝑏,𝑔 and 𝐶𝑝𝑒,𝑔 are the average specific heats of gas species (𝑖) of bubble and emulsion 

phase respectively and obtained using mass weighted averaging procedure by the following 

expression. 

𝐶𝑝𝑏,𝑔 =∑ 𝑦𝑖𝑏𝐶𝑝𝑏,𝑖
5

𝑖=1
 𝑎𝑛𝑑 𝐶𝑝𝑒,𝑔 =∑ 𝑦𝑖𝑒𝐶𝑝𝑒,𝑖

5

𝑖=1
 

 (3.61) 

By assuming species (𝑖) gases are obey the ideal gas law, the density 𝜌𝑔 can be expressed as: 

𝜌𝑔 =
𝑃

𝑅𝑇∑ (𝑦𝑖𝑏/𝑀𝑤𝑖)
5
𝑖=1

 
 (3.62) 

The thermal conductivity of gas 𝜆𝑔 also estimated by using mass weighted average procedure as: 

𝜆𝑔 =∑ 𝑦𝑖𝑒𝜆𝑔,𝑖
5

𝑖=1
 

 (3.63) 

Where, 𝜆𝑔,𝑖 is thermal conductivity of species gases  and function of polynomial temperature and 

can be described by expression in Rohsenow et al. [99]. 

Net rate of energy change for species (𝑖) over the control volume of emulsion phase by convective 

gas flow for homogenous and heterogeneous can be calculated as follows: 

𝜀𝑚𝑓 {𝐴𝑒∑ 𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒|𝑧+∆𝑧
5

𝑖=1
− 𝐴𝑒∑ 𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒|𝑧

5

𝑖=1
}
ℎ𝑜𝑚𝑜

+ (1 − 𝜀𝑚𝑓) {𝐴𝑒∑ 𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒|𝑧+∆𝑧
2

𝑖=1
− 𝐴𝑒∑ 𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒|𝑧

2

𝑖=1
}
ℎ𝑒𝑡𝑒𝑟

 

 (3.64) 

Net rate of energy change for species (𝑖) in the control volume of emulsion phase by diffusion for 

homogenous and heterogeneous phases given by: 
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−𝐷𝑖𝑒𝜀𝑚𝑓 {𝐴𝑒∑ 𝐻𝑖𝑒
5

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧+∆𝑧

− 𝐴𝑒∑ 𝐻𝑖𝑒
5

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧
}
ℎ𝑜𝑚𝑜

− 𝐷𝑖𝑒(1 − 𝜀𝑚𝑓) {𝐴𝑒∑ 𝐻𝑖𝑒
2

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧+∆𝑧

− 𝐴𝑒∑ 𝐻𝑖𝑒
2

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧
}
ℎ𝑒𝑡𝑒𝑟𝑜

 

 (3.65) 

Where, 𝐻𝑖𝑒 is the species (𝑖) specific enthalpy in the emulsion phase and defined as: 

𝐻𝑖𝑒 = 𝐻298,𝑖
0 + 𝐶𝑝𝑒,𝑖𝑇𝑒  (3.66) 

At the end, the total energy balance equation for emulsion phase within the control volume can be 

written as below by combining Equation (3.47), (3.51), (3.53), (3.57), (3.64) and (3.65). 

{𝜀𝑚𝑓∆𝑧∑
𝜕(𝐴𝑒𝐶𝑖𝑒𝐶𝑝𝑒,𝑖𝑇𝑒)

𝜕𝑡

5

𝑖=1
}
ℎ𝑜𝑚𝑜

+ {(1 − 𝜀𝑚𝑓)∆𝑧∑
𝜕(𝐴𝑒𝐶𝑖𝑒𝐶𝑝𝑒,𝑖𝑇𝑒)

𝜕𝑡

2

𝑖=1
}
ℎ𝑒𝑡𝑒𝑟𝑜

= 𝐴𝑒∆𝑧𝜀𝑚𝑓∑ 𝑅𝑖𝑒𝐻𝑖𝑒
5

𝑖=1
+𝑅𝑐𝑠𝐻𝑐+ {𝐴𝑒𝜀𝑚𝑓𝜆𝑠

∗ 𝜕𝑇𝑒
𝜕𝑧

|
𝑧+∆𝑧

}

− {𝐴𝑒𝜀𝑚𝑓𝜆𝑠
∗ 𝜕𝑇𝑒
𝜕𝑧

|
𝑧

}+𝐴𝑏∆𝑧𝐻𝑏𝑒(𝑇𝑏 − 𝑇𝑒)

− (𝜀𝑚𝑓 {𝐴𝑒∑ 𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒|𝑧+∆𝑧
5

𝑖=1
−𝐴𝑒∑ 𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒|𝑧

5

𝑖=1
}
ℎ𝑜𝑚𝑜

+ (1 − 𝜀𝑚𝑓) {𝐴𝑒∑ 𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒|𝑧+∆𝑧
2

𝑖=1
−𝐴𝑒∑ 𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒|𝑧

2

𝑖=1
}
ℎ𝑒𝑡𝑒𝑟

)

− (−𝐷𝑖𝑒𝜀𝑚𝑓 {𝐴𝑒∑ 𝐻𝑖𝑒
5

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧+∆𝑧

−𝐴𝑒∑ 𝐻𝑖𝑒
5

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧

}

ℎ𝑜𝑚𝑜

−𝐷𝑖𝑒(1 − 𝜀𝑚𝑓) {𝐴𝑒∑ 𝐻𝑖𝑒
2

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧+∆𝑧

−𝐴𝑒∑ 𝐻𝑖𝑒
2

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

|
𝑧

}

ℎ𝑒𝑡𝑒𝑟𝑜

) 

  

 

 

 

 

 

 

 

 

 

 

 

 

(3.67) 

Dividing both side of the above equation by expression 𝐴𝜀𝑚𝑓∆𝑧, taking limit of ∆𝑧 → 0 and after 

rearranging the equation any one can obtain the following differential equation. 
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{∑
𝜕(𝜀𝑒𝐶𝑖𝑒𝐶𝑝𝑒,𝑖𝑇𝑒)

𝜕𝑡

5

𝑖=1
}
ℎ𝑜𝑚𝑜

+ {
(1 − 𝜀𝑚𝑓)

𝜀𝑚𝑓
∑

𝜕(𝜀𝑒𝐶𝑖𝑒𝐶𝑝𝑒,𝑖𝑇𝑒)

𝜕𝑡

2

𝑖=1
}
ℎ𝑒𝑡𝑒𝑟𝑜

= −(
𝜕

𝜕𝑧
∑ (𝜀𝑒𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒)

5

𝑖=1 ℎ𝑜𝑚𝑜

+
(1 − 𝜀𝑚𝑓)

𝜀𝑚𝑓

𝜕

𝜕𝑧
∑ (𝜀𝑒𝑢𝑒𝐶𝑖𝑒∆𝐻𝑖𝑒)

2

𝑖=1 ℎ𝑒𝑡𝑟𝑜

)

+ (
𝜕

𝜕𝑧
(∑ 𝐷𝑖𝑒𝜀𝑒𝐻𝑖𝑒

5

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

)
ℎ𝑜𝑚𝑜

+
(1 − 𝜀𝑚𝑓)

𝜀𝑚𝑓

𝜕

𝜕𝑧
(∑ 𝜀𝑒𝐻𝑖𝑒

2

𝑖=1

𝜕𝐶𝑖𝑒
𝜕𝑧

)
ℎ𝑒𝑡𝑒𝑟𝑜

)

+ {∑ 𝜀𝑒𝑅𝑖𝑒𝐻𝑖𝑒
5

𝑖=1
+

1

𝜀𝑚𝑓𝑉𝑟
𝑅𝑐𝑠𝐻𝑐ℎ𝑎𝑟}+ 𝜀𝑒𝜆𝑠

∗ 𝜕

𝜕𝑧
(
𝜕𝑇𝑒
𝜕𝑧

)

+
𝜀𝑏
𝜀𝑚𝑓

𝐻𝑏𝑒(𝑇𝑏 − 𝑇𝑒) 

 (3.68) 

Where,  𝐻𝑏𝑒 is the  interphase heat transfer coefficient between emulsion and bubble phase, 𝜀𝑏 is 

the volume fraction of bubble, 𝐶𝑖𝑒 is the concentration of 𝑖𝑡ℎ species in the emulsion, 𝐶𝑝𝑒 is the specific 

heat capacity of gas mixture in emulsion phase and 𝑅𝑖𝑒 is the reaction rate of 𝑖𝑡ℎ species in emulsion 

phase. 

After taking partial derivative of Equation (3.68) and rearranging it, the energy balance of emulsion 

phase becomes as follows. 

{∑ (𝐶𝑖𝑒𝐶𝑝𝑒,𝑖)ℎ𝑜𝑚𝑜

5

𝑖=1
+
1 − 𝜀𝑚𝑓

𝜀𝑚𝑓
∑ (𝐶𝑖𝑒𝐶𝑝𝑒,𝑖)ℎ𝑒𝑡𝑒𝑟𝑜

2

𝑖=1
}
𝜕𝑇𝑒
𝜕𝑡

= 𝜆𝑠
∗ 𝜕

𝜕𝑧
(
𝜕𝑇𝑒
𝜕𝑧
)

− {∑ (𝑇𝑒𝐶𝑝𝑒,𝑖
𝜕𝐶𝑖𝑒
𝜕𝑡

)
ℎ𝑜𝑚𝑜

5

𝑖=1
+
1 − 𝜀𝑚𝑓

𝜀𝑚𝑓
∑ (𝑇𝑒𝐶𝑝𝑒,𝑖

𝜕𝐶𝑖𝑒
𝜕𝑡

)
ℎ𝑒𝑡𝑒𝑟𝑜

2

𝑖=1
}

− [∑ (𝐶𝑖𝑒𝑇𝑒𝐶𝑝𝑒,𝑖
𝜕𝑢𝑒
𝜕𝑧

+ 𝑢𝑒𝑇𝑒𝐶𝑝𝑒,𝑖
𝜕𝐶𝑖𝑒
𝜕𝑧

+ 𝑢𝑒𝐶𝑖𝑒𝐶𝑝𝑒,𝑖
𝜕𝑇𝑒
𝜕𝑧
)

5

𝑖=1 ℎ𝑜𝑚𝑜

+
1 − 𝜀𝑚𝑓

𝜀𝑚𝑓
∑ (𝐶𝑖𝑒𝑇𝑒𝐶𝑝𝑒,𝑖

𝜕𝑢𝑒
𝜕𝑧

+ 𝑢𝑒𝑇𝑒𝐶𝑝𝑒,𝑖
𝜕𝐶𝑖𝑒
𝜕𝑧

+ 𝑢𝑒𝐶𝑖𝑒𝐶𝑝𝑒,𝑖
𝜕𝑇𝑒
𝜕𝑧
)

2

𝑖=1 ℎ𝑒𝑡𝑟𝑜

]

+ [∑ (𝐻𝑖𝑒
𝜕𝐷𝑖𝑒
𝜕𝑧

𝜕𝐶𝑖𝑒
𝜕𝑧

+ 𝐻𝑖𝑒𝐷𝑖𝑒
𝜕2𝐶𝑖𝑒
𝜕𝑧2

+ 𝐷𝑖𝑒𝐶𝑝𝑒,𝑖
𝜕𝐶𝑖𝑒
𝜕𝑧

𝜕𝑇𝑒
𝜕𝑧
)
ℎ𝑜𝑚𝑜

5

𝑖=1

+
1 − 𝜀𝑚𝑓

𝜀𝑚𝑓
∑ (𝐶𝑖𝑒𝐻𝑖𝑒

𝜕2𝐶𝑖𝑒
𝜕𝑧2

)
2

𝑖=1 ℎ𝑒𝑡𝑟𝑜

] + {∑ 𝐻𝑖𝑒𝑅𝑖𝑒
5

𝑖=1
+

1

𝜀𝑒𝜀𝑚𝑓𝑉𝑟
𝐻𝑐ℎ𝑎𝑟𝑅𝑐𝑠}

+
𝜀𝑏

𝜀𝑒𝜀𝑚𝑓
𝐻𝑏𝑒(𝑇𝑏 − 𝑇𝑒) 

 (3.69) 
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II. Bubble phase energy balance equations 

In bubble phase energy balance, the heat contribution by bed material and char was ignored. 

Because, at minimum fluidization gas velocity the gas exist as large bubbles which is the cause for 

insignificancy of heat transfer between gas and solids. Following the same procedure to the 

emulsion phase energy balance, the bubble phase energy balance differential equation becomes as 

follows. 

∑
𝜕(𝜀𝑏𝐶𝑖𝑏𝐶𝑝𝑏,𝑖𝑇𝑏)

𝜕𝑡

5

𝑖=1

= −
𝜕

𝜕𝑧
∑ (𝜀𝑏𝑢𝑏𝐶𝑖𝑏∆𝐻𝑖𝑏)

5

𝑖=1
+
𝜕

𝜕𝑧
(𝜀𝑏∑ 𝐷𝑖𝑏𝐻𝑖𝑏

𝜕𝐶𝑖𝑏
𝜕𝑧

5

𝑖=1
)

+ 𝜀𝑏∑ 𝐻𝑖𝑏𝑅𝑖𝑏
5

𝑖=1
+ 𝜀𝑏𝜆𝑔

𝜕

𝜕𝑧
(
𝜕𝑇𝑏
𝜕𝑧
) − 𝜀𝑏𝐻𝑏𝑒(𝑇𝑏 − 𝑇𝑒) 

  

 

 

 

(3.70) 

Where, 𝐶𝑖𝑏 is the concentration of 𝑖𝑡ℎ species in the bubble phase, 𝐶𝑝𝑏 is the specific heat capacity of gas 

mixture in bubble phase and 𝑅𝑖𝑏 is the reaction rate of 𝑖𝑡ℎ species in bubble phase. 

After taking partial derivative of Equation (3.70) and rearranging it, the energy balance of emulsion 

phase becomes as follows. 

∑ 𝐶𝑖𝑏𝐶𝑝𝑏,𝑖
𝜕𝑇𝑏
𝜕𝑡

5

𝑖=1

= 𝜆𝑔
𝜕2𝑇𝑏
𝜕𝑧2

−∑ 𝐶𝑝𝑏,𝑖𝑇𝑏
𝜕𝐶𝑖𝑏
𝜕𝑡

5

𝑖=1

−∑ (𝐶𝑖𝑏𝐶𝑝𝑖𝑏𝑇𝑏
𝜕𝑢𝑏
𝜕𝑧

+ 𝑢𝑏𝐶𝑝𝑖𝑏𝑇𝑏
𝜕𝐶𝑖𝑏
𝜕𝑧

+ 𝑢𝑏𝐶𝑝𝑖𝑏𝐶𝑖𝑏
𝜕𝑇𝑏
𝜕𝑧
)

5

𝑖=1

+∑ (𝐻𝑖𝑏
𝜕𝐷𝑖𝑏
𝜕𝑧

𝜕𝐶𝑖𝑏
𝜕𝑧

+ 𝐷𝑖𝑏𝐻𝑖𝑏
𝜕2𝐶𝑖𝑏
𝜕𝑧2

+ 𝐷𝑖𝑏𝐶𝑝𝑖𝑏
𝜕𝐶𝑖𝑏
𝜕𝑧

𝜕𝑇𝑏
𝜕𝑧
)

5

𝑖=1

− 𝐻𝑏𝑒(𝑇𝑏 − 𝑇𝑒) +∑ 𝐻𝑖𝑏𝑅𝑖𝑏
5

𝑖=1
 

 (3.71) 

III. Char energy balance equations 

The inert bed material temperature was related to the temperature of char particle and gas. Hence, 

to find the temperature of char particle energy balance equation of char particle is important. The 

energy balance equation of char was given as follows. 
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[
𝐸𝑛𝑒𝑟𝑔𝑦 𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛

𝑖𝑛
𝑐ℎ𝑎𝑟 𝑝𝑎𝑟𝑡𝑖𝑐𝑙𝑒𝑠

]

= [

𝐶ℎ𝑎𝑟 𝑛𝑒𝑡 𝑒𝑛𝑒𝑟𝑔𝑦 
𝑐ℎ𝑎𝑛𝑔𝑒 𝑏𝑦 

𝑐𝑜𝑛𝑣𝑒𝑐𝑡𝑖𝑜𝑛 ℎ𝑒𝑎𝑡
𝑓𝑙𝑜𝑤

] +

[
 
 
 
 
𝐸𝑛𝑒𝑟𝑔𝑦 𝑏𝑦 
𝑑𝑖𝑠𝑝𝑒𝑟𝑠𝑖𝑜𝑛 𝑜𝑓

𝑠𝑜𝑙𝑖𝑑𝑠
𝑖𝑛 𝑎𝑥𝑖𝑎𝑙
𝑑𝑖𝑟𝑒𝑐𝑡𝑖𝑜𝑛 ]

 
 
 
 

[

𝑁𝑒𝑡 ℎ𝑒𝑎𝑡 𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑒𝑑
𝑏𝑦 𝑐ℎ𝑒𝑚𝑖𝑐𝑎𝑙
𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛𝑠 
𝑓𝑜 𝑐ℎ𝑎𝑟

]

+ [
𝑁𝑒𝑡 𝑒𝑛𝑒𝑟𝑔𝑦 𝑒𝑥𝑐ℎ𝑎𝑛𝑔𝑒 

𝑏𝑦 𝑐𝑜𝑛𝑑𝑢𝑐𝑡𝑖𝑜𝑛 
 𝑐ℎ𝑎𝑟

] + [
𝑁𝑒𝑡 𝑒𝑛𝑒𝑟𝑔𝑦 𝑒𝑥𝑐ℎ𝑎𝑛𝑔𝑒 

𝑏𝑦 𝑐𝑜𝑛𝑣𝑒𝑐𝑡𝑖𝑜𝑛 
𝑏𝑒𝑡𝑤𝑒𝑒𝑛 𝑏𝑒𝑑 𝑎𝑛𝑑 𝑐ℎ𝑎𝑟

]

+ [
𝑁𝑒𝑡 𝑒𝑛𝑒𝑟𝑔𝑦 𝑒𝑥𝑐ℎ𝑎𝑛𝑔𝑒 

𝑏𝑦 𝑟𝑎𝑑𝑖𝑎𝑡𝑖𝑜𝑛 
𝑏𝑒𝑡𝑤𝑒𝑒𝑛 𝑐ℎ𝑎𝑟 𝑎𝑛𝑑 𝑏𝑒𝑑

] 

In equation form, the above terms can be expressed as follows. 

𝑀𝑠𝑜𝑙𝑖𝑑

𝜕(𝐶𝑐𝑠𝐶𝑝𝑐ℎ𝑎𝑟𝑇𝑐ℎ𝑎𝑟)

𝜕𝑡

= −𝑀𝑐ℎ𝑎𝑟

𝜕(𝐶𝑐𝑠𝑢𝑠∆𝐻𝑐)

𝜕𝑧
+ 𝑀𝑠𝑜𝑙𝑖𝑑𝐷𝑠𝑟

𝜕

𝜕𝑧
(𝐻𝑐ℎ𝑎𝑟

𝜕𝐶𝑐𝑠
𝜕𝑧

)

+ 𝑅𝑐𝑠𝐻𝑐ℎ𝑎𝑟 + 𝑣𝑐ℎ𝑎𝑟𝜆𝑠
𝜕2𝑇𝑐ℎ𝑎𝑟
𝜕𝑧2

+ ℎ𝑐𝑜𝑛𝑣𝐴(𝑇𝑏𝑒𝑑 − 𝑇𝑐ℎ𝑎𝑟)

+ 𝜎𝑟𝑎𝑑𝜀𝑟𝑎𝑑𝐴(𝑇𝑏𝑒𝑑
4 − 𝑇𝑐ℎ𝑎𝑟

4 ) 

 (3.72) 

After taking partial derivative of Equation (3.72) and rearranging it, the energy balance of emulsion 

phase becomes as follows. 

𝑀𝑠𝑜𝑙𝑖𝑑𝐶𝑐𝑠𝐶𝑝𝑐ℎ𝑎𝑟
𝜕𝑇𝑐ℎ𝑎𝑟
𝜕𝑡

= 𝑣𝑐ℎ𝑎𝑟𝜆𝑠
𝜕2𝑇𝑐ℎ𝑎𝑟
𝜕𝑧2

−𝑀𝑠𝑜𝑙𝑖𝑑𝑇𝑐ℎ𝑎𝑟𝐶𝑝𝑐ℎ𝑎𝑟
𝜕𝐶𝑐𝑠
𝜕𝑡

− 𝑀𝑐ℎ𝑎𝑟 (𝐶𝑐𝑠𝐶𝑝𝑐ℎ𝑎𝑟𝑇𝑝
𝜕𝑢𝑠
𝜕𝑧

+ 𝑢𝑠𝐶𝑝𝑐ℎ𝑎𝑟𝑇𝑝
𝜕𝐶𝑐𝑠
𝜕𝑧

+ 𝑢𝑠𝐶𝑝𝑐ℎ𝑎𝑟𝐶𝑐𝑠
𝜕𝑇𝑝

𝜕𝑧
)

+𝑀𝑠𝑜𝑙𝑖𝑑𝐷𝑠𝑟𝐻𝑐ℎ𝑎𝑟
𝜕2𝐶𝑐𝑠
𝜕𝑧2

+ 𝐻𝑐ℎ𝑎𝑟𝑅𝑐𝑠 + ℎ𝑐𝑜𝑛𝑣𝐴(𝑇𝑏𝑒𝑑 − 𝑇𝑐ℎ𝑎𝑟)

+ 𝜎𝑟𝑎𝑑𝑘𝑟𝑎𝑑𝐴(𝑇𝑏𝑒𝑑
4 − 𝑇𝑐ℎ𝑎𝑟

4 ) 

 (3.73) 

In this model, the correlation used to calculate convective heat transfer coefficient of individual 

particle in BFB was is taken from Zhu, et al. [24]. This correlation is valid for volume fraction 
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(0.35-1) and Reynold number (0-550) with average relative deviation of around 9.3%. The 

convective heat transfer coefficient of individual particle in BFB given as ℎ𝑐𝑜𝑛𝑣 =
𝑁𝑢𝑝𝜆𝑠

𝑑𝑝
 where 

the Nusslet number correlation is given by equation developed by Zhu, et al. [24].  

𝑁𝑢𝑝 = (−0.83 + 16.21𝜀𝑏 − 14.67𝜀𝑏
2)(1 − 0.01𝑅𝑒𝑝

0.2𝑃𝑟𝑔
1/3
)

+ (1.50 − 2.60𝜀𝑏 + 1.31𝜀𝑏
2)𝑅𝑒𝑝

0.7𝑃𝑟𝑔
1/3

 

 (3.74) 

Where, 𝑃𝑟𝑝 =
𝐶𝑝𝑠𝑜𝑙𝑖𝑑×𝜇𝑔𝑎𝑠

𝜆𝑠
 and 𝑅𝑒𝑝 =

𝜌𝑔𝑎𝑠𝑑𝑝𝑢𝑒

𝜇𝑔𝑎𝑠
. 

The effective radiation coefficient 𝑘𝑟𝑎𝑑 was calculated as below [54]. 

𝑘𝑟𝑎𝑑 =
4

𝐷
[
1 − 𝜀𝑝

𝜀𝑝𝛼2
+
1

𝜀𝑤
]

−1

 
 (3.75) 

Where, 𝜀𝑝 is emissivity of bed material, 𝜀𝑤 is emissivity of wall material, 𝛼 is the volume fraction 

of inert bed material and 𝐷 is the vessel diameter. 

The fluid dynamics of BFB is very complex due to interaction of solid particle and gas. Hence, the 

effect of solid mixing in BFB considered into account by the axial dispersion coefficient. In this 

model work the axial dispersion coefficient given by Niklasson et al. [100] is used. 

𝐷𝑠𝑟 =
3

16
(

𝜀𝑏
1 − 𝜀𝑏

)(
𝑢𝑚𝑓×𝑑𝑏
𝜀𝑚𝑓

) 
 (3.76) 

3.2.3 Model of hydrodynamic equations 

In the gasification of biomass in a BFB gasifier, the minimization of pressure drop and controlling 

of superficial gas velocity within the required range is the desirable factor to achieve the required 

fluidization condition[79].  Furthermore, the mass and heat transfer in BFB also related to 

characteristics of fluidization of the bed. Figure 3.5 indicates the pressure drop as a function of 

superficial gas velocity over bed material as gas stream flow through it [78]. For this case, the 

superficial gas velocity is lower than minimum fluidization velocity (𝑢𝑚𝑓), the bed granular 

material is to be stationary and no movement of solid is observed. However, as the superficial gas 

velocity increase and reach the minimum fluidization velocity, the pressure drop across the bed 

also build up and reaches maximum values of ∆𝑃𝑚𝑓 [78]. At maximum pressure drop (∆𝑃𝑚𝑓) the 

particle begins to separate and be fluidized. This maximum pressure drop across the bed was 
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determined by Ergun’s correlation as a function of minimum fluidization velocity and bed 

porosity[87].  

∆𝑃𝑚𝑓 =
150𝜇𝑔(1 − 𝜀𝑏)

2

𝑑𝑝2𝜀𝑏
3 𝑢𝑚𝑓 +

1.75𝜌𝑔(1 − 𝜀𝑏)

𝑑𝑝𝜀𝑏
3 𝑢𝑚𝑓

2 
 (3.77) 

The expression for 
d𝑢0

dz
 used in the partial differential equation of (3.38), (3.39), (3.68), (3.70) and 

(3.72) is derived from second order differential equation of maximum pressure drop expression 

and ideal gas low 𝑃 = 𝐶𝑅𝑇 expression as shown below. 

𝑑2𝑃

𝑑𝑧2
=
150𝜇𝑔(1 − 𝜀𝑏)

2

𝑑𝑝2𝜀𝑏
3

d𝑢0
dz

+
1.75𝜌𝑔(1 − 𝜀𝑏)

𝑑𝑝𝜀𝑏
3 2𝑢𝑜

d𝑢0
dz

 
 (3.78) 

𝑑2𝑃

𝑑𝑧2
= 𝑅 (𝐶𝑖𝑏

𝑑2𝑇𝑏
𝑑𝑧2

+ 𝑇𝑏
𝑑2𝐶𝑖𝑏
𝑑𝑧2

+ 2
d𝑇0
dz

d𝐶𝑖𝑏
dz

) 
 (3.79) 

After rearranging equation (3.78 and (3.79) and solving for 
d𝑢0

dz
, the following expression is 

obtained. 

d𝑢0
dz

=
𝑅 (𝐶𝑖𝑏

𝑑2𝑇𝑏
𝑑𝑧2

+ 𝑇𝑏
𝑑2𝐶𝑖𝑏
𝑑𝑧2

+ 2
d𝑇0
dz

d𝐶𝑖𝑏
dz

)

150𝜇𝑔(1 − 𝜀𝑏)
2

𝑑𝑝2𝜀𝑏
3 +

1.75𝜌𝑔(1 − 𝜀𝑏)

𝑑𝑝𝜀𝑏
3 2𝑢𝑜

 

 (3.80) 

 

Figure 3.5 Relationship between superficial gas velocity and pressure drop through the bed [78]. 

In the BFB gasifier, when the superficial gas velocity is further increased and the terminal velocity 

of bed material is reached, the bed material elutriation occurs and the granular bed material is 

carried away from the gasifier. Therefore, the safe operation of the BFB gasifier is in the range 
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between superficial gas velocity and terminal velocity of bed particles [78, 89]. Besides, the 

properties of gases and solids involved in the hydrodynamic model equations of the BFB and their 

interrelation are summarized in Table 3.8. 

Table 3.8 Hydrodynamics parameters used in the modelling of fluidized bed gasifier. 

Parameters Equations Ref. 

Minimum 

fluidization 

velocity (m/s) 

𝑢𝑚𝑓 = 𝜇𝑔
[(𝐶1)

2 + 𝐶2𝐴𝑟]
1
2 − 𝐶1

𝑑𝑝𝜌𝑔
 

𝐶1 = 27.2 

 𝐶2 = 0.0408 

[27, 87] 

Archimedes 

number 
𝐴𝑟 =

𝑑𝑝
3𝜌𝑔(𝜌𝑠 − 𝜌𝑔)𝑔

𝜇𝑔2
 

[87] 

Bubble diameter 
𝑑𝑏 = 𝑑𝑏𝑚 − (𝑑𝑏𝑚 − 𝑑𝑏𝑜)𝑒𝑥𝑝 (

0.3𝑧

𝑑𝑡
)   

[88, 90] 

maximum limiting 

size of bubble 
𝑑𝑏𝑚 = 2.59 [

𝜋

4
𝑑𝑡
2 (
𝑢𝑜 − 𝑢𝑚𝑓

𝑔0.5
)]
0.4

 
[88, 90] 

initial bubble 

diameter 
𝑑𝑏𝑜 = 1.38 [

𝜋𝑑𝑡
2(𝑢𝑜 − 𝑢𝑚𝑓)

4𝑔0.5𝑛𝑑
]

0.4

 
[88, 90] 

Bubble raise 

velocity 

𝑢𝑏𝑟 = 0.711(𝑔𝑑𝑏)
1/2 [87] 

Bubble velocity 𝑢𝑏 = 𝑢𝑜 − 𝑢𝑚𝑓 + 𝑢𝑏𝑟 [87] 

Bubble fraction at 

minimum 

𝜀𝑚𝑓 = 0.478𝐴𝑟
−0.018 , 177 < 𝐴𝑟 < 4030 [27, 94] 

Bubble fraction 𝜀𝑏 =
𝑢𝑜 − 𝑢𝑚𝑓

𝑢𝑏 − 𝑢𝑚𝑓
 

[58] 

Emulsion velocity 𝑢𝑒 =
𝑢𝑚𝑓

1 − 𝜀𝑏
 

[58] 

Inter phase mass 

transfer coefficient 

1

𝐾𝑏𝑒
=

1

𝐾𝑏𝑐
+

1

𝐾𝑐𝑒
 

[87] 

mass transfer 

coefficient from 

emulsion side 

𝐾𝑐𝑒 = 6.77 (
𝐷𝑖𝑒𝜀𝑚𝑓𝑢𝑏𝑟

𝑑𝑏
3 )

0.5

 
[87] 



69 
 

mass transfer 

coefficient from 

bubble side 

𝐾𝑏𝑐 =
4.5𝑢𝑚𝑓

𝑑𝑏
+ (

5.85𝐷𝑖𝑏
0.5𝑔0.25

𝑑𝑏
5/4

) 
[87] 

Inter phase 

volumetric heat 

transfer coefficient 

1

𝐻𝑏𝑒
=

1

𝐻𝑏𝑐
+

1

𝐻𝑐𝑒
 

[87] 

bubble side heat 

transfer volumetric 

coefficient 
𝐻𝑏𝑐 = (

4.5(𝑢𝑚𝑓𝜌𝑔𝐶𝑝𝑏,𝑔)

𝑀𝑤𝑔𝑑𝑏
) +

5.85 ((
𝜆𝑔𝜌𝑔𝐶𝑝𝑏,𝑔
𝑀𝑤𝑔

)
1/2

)𝑔1/4

𝑑𝑏
5/4

 

[87] 

emulsion side heat 

transfer volumetric 

coefficient 

𝐻𝑐𝑒 = 6.78 (
𝜀𝑚𝑓𝜆𝑔𝜌𝑔𝐶𝑝𝑒,𝑔𝑢𝑏

𝑀𝑤𝑔𝑑𝑏
3 ) 

[87] 

Nusslet number 

correlation 

𝑁𝑢𝑝 = (−0.83 + 16.21𝜀𝑏 − 14.67𝜀𝑏
2)(1 − 0.01𝑅𝑒𝑝

0.2𝑃𝑟𝑔
1/3
)

+ (1.50 − 2.60𝜀𝑏 + 1.31𝜀𝑏
2)𝑅𝑒𝑝

0.7𝑃𝑟𝑔
1/3

 

𝑃𝑟𝑝 =
𝐶𝑝𝑠𝑎𝑛𝑑𝜇𝑔𝑎𝑠

𝜆𝑠
 and 𝑅𝑒𝑝 =

𝜌𝑔𝑎𝑠𝑑𝑝𝑢𝑒

𝜇𝑔𝑎𝑠
 

 [24] 

Pressure gradient at 

minimum 

fluidization 

condition 

∆𝑃𝑚𝑓 =
150𝜇𝑔(1 − 𝜀𝑏)

2

𝑑𝑝2𝜀𝑏
3 𝑢𝑚𝑓 +

1.75𝜌𝑔(1 − 𝜀𝑏)

𝑑𝑝𝜀𝑏
3 𝑢𝑚𝑓

2 
[87] 

Terminal velocity 
𝑢𝑡 =

𝑑𝑝
2(𝜌𝑝 − 𝜌𝑔)𝑔

18𝜇𝑔
, 𝑅𝑒 ≤ 0.4 

𝑢𝑡 = 𝑑𝑝 [
4(𝜌𝑝 − 𝜌𝑔)

2
𝑔2

225𝜇𝑔𝜌𝑔
]

1/3

, 0.4 < 𝑅𝑒 ≤ 500 

𝑢𝑡 = [
3.1𝑑𝑝𝑔(𝜌𝑝 − 𝜌𝑔)

𝜌𝑔
]

1/2

, 500 < 𝑅𝑒 ≤ 2 × 105 

 

[58] 
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3.3 Solving the gasification model using a numerical method 

3.3.1 Initial and boundary conditions 

The biomass gasification equation developed in section 3.2.2 includes a series of 14 partial 

differential equations (PDEs). The PDEs solving technic requires, the defined initial conditions 

(ICs), boundary conditions (BCs), and the numerical technic to be applied. In biomass gasification 

modeling, the ICs are mass of gasifying agent, concentrations of product species, a mass of 

biomass and the bed temperature in the gasifier at the initial time (t=0). 

In PDEs, the solution principle depends on the order of the differential equations. If the differential 

equations are in order of ‘n’, then to find the solution of it we need to know the values of ‘n’ 

constants from the initial and boundary conditions. The PDEs developed in this thesis are second-

order differential equations. Hence, to deal with second-order PDEs, BCs specify the variables, 

their derivatives, or a mixture of both. The format of those BCs are as shown below in Equation 

(3.81) [101]. 

𝛽𝑢 =

{
 
 

 
 
𝑢|Γ1      𝑜𝑛 Γ1 (𝐷𝑖𝑟𝑖𝑐ℎ𝑙𝑒𝑡 𝐵𝐶)

𝜕𝑢

𝜕𝑧
         𝑜𝑛 Γ2 (𝑁𝑒𝑢𝑚𝑎𝑛𝑛 𝐵𝐶)

𝜕𝑢

𝜕𝑧
+ 𝑏𝑜𝑢     𝑜𝑛 Γ3 (𝑅𝑜𝑏𝑖𝑛 𝐵𝐶)

 

 

 (3.81) 

Where, 𝑏𝑜 𝜖 Γ3 nonnegative and 𝛽𝑢 is the initial condition which is constant. For any PDEs given 

problem, the BCs must be specified over the perimeter or enclosing boundary of the modeled 

region [101].  

In the case of the BFB gasifier model, the BCs were specified at the inlet (bottom) and the outlet 

(top) of the gasifier. In this modeling of the BFB gasifier, three types of BCs were used at the 

bottom and top of the gasifier for different variables. At the bottom, the concentration of different 

gas species for both bubble and emulsion phase use Robin type BCs and for temperature, the 

Dirichlet BCs were used. At the top of the gasifier, for all variable, the Neumann BCs was used. 

The BCs at the inlet of the gasifier (𝑧 = 0; 𝑡 > 0) for 𝑛 gaseous species in the bubble and emulsion 

phase was as follows: 

Bubble phase gaseous species BCs 𝐶𝑖𝑏 −
𝜀𝑏𝐷𝑖𝑏

𝑢𝑏

𝜕𝐶𝑖𝑏

𝜕𝑧
= 𝜀𝑏𝐶𝑖𝑜    𝑤ℎ𝑒𝑟𝑒, 𝑖 = 1, 2…5  

Bubble phase temperature BC 𝑇𝑏 = 𝑇𝑖𝑛  
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Emulsion phase gaseous species BCs 𝐶𝑖𝑒 −
𝜀𝑒𝐷𝑖𝑒

𝑢𝑒

𝜕𝐶𝑖𝑒

𝜕𝑧
= 𝜀𝑒𝐶𝑖𝑜    𝑤ℎ𝑒𝑟𝑒, 𝑖 = 1, 2…5  

Emulsion phase temperature BC 𝑇𝑒 = 𝑇𝑖𝑛  

For solid, the 𝑛 solid species in the emulsion phase the inlet (𝑧 = 0; 𝑡 > 0) boundary conditions, 

Solid phase in emulsion BC 𝐶𝑐𝑠 −
𝜀𝑏𝐷𝑠𝑟

𝑢𝑒

𝜕𝐶𝑐𝑠

𝜕𝑧
=

𝐶𝑐𝑜

𝑀𝑠𝑜𝑙𝑖𝑑
      

Solid temperature BC 𝑇𝑐ℎ𝑎𝑟 = 𝑇𝑖𝑛  

The Neumann BCs at the exit of gasifier (𝑧 = 𝐻𝑏; 𝑡 > 0) for n gaseous species in the bubble and 

emulsion phase and solid in the bed can be written as: 

Bubble phase gaseous specious BCs ∂𝐶𝑖𝑏

∂z
= 0       𝑤ℎ𝑒𝑟𝑒, 𝑖 = 1, 2…5  

Bubble phase temperature BC ∂𝑇𝑏

∂z
= 0  

Emulsion phase gaseous species BCs ∂𝐶𝑖𝑒

∂z
= 0       𝑤ℎ𝑒𝑟𝑒, 𝑖 = 1, 2…5  

Emulsion phase temperature BC ∂𝑇𝑒

∂z
= 0  

Solid phase concentration BC ∂𝐶𝑐𝑠

∂z
= 0  

Solid phase temperature BC ∂𝑇𝑐ℎ𝑎𝑟

∂z
= 0  

In bubbling fluidized bed the initial condition of gasification gas species is set to the obtained from 

initial pyrolysis. In addition, the initial temperature for bubble phase(𝑇𝑏), emulsion phase (𝑇𝑒), 

and solid in the bed (𝑇𝑐ℎ𝑎𝑟) were set to the same as bed temperature. 

3.3.2 Solving technic of developed numerical equations 

A set of equations developed for mass transfer balance and energy transfer balance are 1D transient 

partial differential equations (PDE), which are non-linear and parabolic PDE. For the simulation 

of the BFB gasifier, eleven PDE of mass balance equations (five PDE are bubble phase, five PDE 

are emulsion phase and one PDE is char mass balance equation) and three PDE of energy balance 

equations are needed to be solved numerically. The sets of PDE equations are solved using initial 

conditions and boundary conditions explained in section 3.3.1. The result of these PDE solutions 

gives the transient distribution of temperature and concentration of species along with the gasifier 

height. Besides, the fluidization situation of the bed and the inlet velocity steam to the bed-confined 

to a minimum and maximum amount. The inlet velocity of steam should be less than the terminal 
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velocity (𝑢𝑡) of solid and greater than the minimum fluidization velocity (𝑢𝑚𝑓). The detailed 

computational flow diagram used in the model is as shown in Figure 3.6.  

The calculation flow chart contains three basic subroutines, which need to been evaluated. The 

first subroutine is devolatilization function, the second is a hydrodynamic subroutine and the last 

one is a kinetic reaction subroutine that involves a homogenous reaction in the bubble phase and 

heterogeneous reaction in the emulsion phase. The non-linear boundary conditions and initial 

condition explained in section 3.3.1 coupled with non-linear parabolic PDEs of Equation (3.37), 

(3.41), (3.43), (3.69), (3.71), and (3.73), and solved in the MATLAB solver toolbox called 

𝑝𝑑𝑒𝑝𝑒 solver. The 𝑝𝑑𝑒𝑝𝑒 solver solves the system of parabolic and elliptic PDEs in one space 

variable 𝑥 and time 𝑡 of the form given by Equation (3.82). The 𝑝𝑑𝑒𝑝𝑒 solver solves the PDEs by 

converting them to Ordinary differential equations at a specified node defined by user using a 

second-order accurate spatial discretization. 

𝑐 (𝑥, 𝑡, 𝑢,
𝜕𝑢

𝜕𝑥
)
𝜕𝑢

𝜕𝑡
= 𝑥−𝑚

𝜕

𝜕𝑥
(𝑥𝑚𝑓 (𝑥, 𝑡, 𝑢,

𝜕𝑢

𝜕𝑥
)) + 𝑠 (𝑥, 𝑡, 𝑢,

𝜕𝑢

𝜕𝑥
) 

 (3.82) 

In Equation (3.82) the term 𝑓 (𝑥, 𝑡, 𝑢,
𝜕𝑢

𝜕𝑥
) and 𝑠 (𝑥, 𝑡, 𝑢,

𝜕𝑢

𝜕𝑥
) is called flux term and source term 

respectively. The coupling of the partial derivatives with respect to time is restricted to 

multiplication by a diagonal matrix 𝑐 (𝑥, 𝑡, 𝑢,
𝜕𝑢

𝜕𝑥
). The 14 PDEs developed in this study were 

solved in MATLAB toolbox of 𝑝𝑑𝑒𝑝𝑒 simultaneously and the terms corresponding PDEs 𝑐, 𝑓 and 

𝑠 were formed as vectors. The unknown variable 𝑢 in Equation (3.82) specified as vector variable 

and have size of 14, which represented as 𝑢(1), 𝑢(2), 𝑢(3)…𝑢(14). The six unknown variable 

are specified for bubble phase (five of them are gas species concentration 𝐶𝑖𝑏 𝑤ℎ𝑒𝑟𝑒 𝑖 = 1,2, … 5 

and bubble temperature 𝑇𝑏), six variable are specified for emulsion phase (five of them are gas 

species concentration 𝐶𝑖𝑒  𝑤ℎ𝑒𝑟𝑒 𝑖 = 1,2, … 5 and bubble temperature 𝑇𝑒), and one variable for 

char temperature 𝑇𝑐ℎ𝑎𝑟 and one variable for char conversion 𝐶𝐶𝑠. 

In this study the input argument to 𝑝𝑑𝑒𝑝𝑒 solver were m, pdefun, icfun, bcfun, xmesh, and tspan. 

 𝑚, which specifies the symmetry of the problem (m can be 0 = slab, 1 = cylindrical, or 2 = 

spherical),  
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Figure 3.6 Solving method as a flowchart 



74 
 

 𝑝𝑑𝑒𝑓𝑢𝑛, the function that defines the components of the PDEs. It computes the terms 𝑐, 𝑓, 

and 𝑠 in Equation (3.82) and has the form [𝑐, 𝑓, 𝑠]  =  𝑝𝑑𝑒𝑓𝑢𝑛(𝑥, 𝑡, 𝑢, 𝑑𝑢𝑑𝑥). 

 𝑖𝑐𝑓𝑢𝑛, the function that evaluates the initial conditions. It has the form 𝑢 =  𝑖𝑐𝑓𝑢𝑛(𝑥). 

 𝑏𝑐𝑓𝑢𝑛, the function that evaluates the terms p and q of the boundary conditions. It has the 

form [𝑝𝑙, 𝑞𝑙, 𝑝𝑟, 𝑞𝑟]  =  𝑏𝑐𝑓𝑢𝑛(𝑥𝑙, 𝑢𝑙, 𝑥𝑟, 𝑢𝑟, 𝑡). 

 𝑥𝑚𝑒𝑠ℎ, the vector [𝑥0, 𝑥1, . . . , 𝑥𝑛] specifying the points at which a numerical solution is 

requested for every value in 𝑡𝑠𝑝𝑎𝑛. The elements of 𝑥𝑚𝑒𝑠ℎ must 

satisfy 𝑥0 <  𝑥1 <  . . .  <  𝑥𝑛 and the length of 𝑥𝑚𝑒𝑠ℎ must be ≥ 3.  

 𝑡𝑠𝑝𝑎𝑛, the vector [𝑡0, 𝑡1, . . . , 𝑡𝑓] specifying the points at which a solution is requested for 

every value in 𝑥𝑚𝑒𝑠ℎ. The elements of 𝑡𝑠𝑝𝑎𝑛 must satisfy 𝑡0 <  𝑡1 <  . . .  <  𝑡𝑓 and the 

length of 𝑡𝑠𝑝𝑎𝑛 must be ≥  3. 

The convergence criteria used in this model are the relative and absolute tolerance values of the 

result variable. These absolute and relative tolerance values are used as a test for convergence 

criteria of the result of the PDEs model.  The 𝑝𝑑𝑒𝑝𝑒 solver has an optional parameter that is used 

to set or defines the relative and absolute tolerance value for the result variable. Hence, in this 

model to test the accuracy of the result the relative and absolute tolerance value is set to 10−4 and 

10−6 respectively [102]. The corresponding relative error between relative and absolute tolerance 

value defined was 0.01% and the convergence of the solution within defined value has been 

achieved. 
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Chapter 4 

4. Validation of the Model and Parameter Sensitivity Analysis 

The goal of this chapter is to validate the developed model with experimental data from the 

literature. In addition, the developed model was used to investigate the sensitivity analysis of 

syngas composition and heating value against temperature and steam to biomass ratio. 

Furthermore, the distribution of syngas along the gasifier was also investigated based on the 

developed model. 

4.1 Simulation and validation of developed model 

4.1.1 Model validation 

The prediction accuracy of the developed model for BFB is compared with the experimental work 

of Li et al. [103], who studied the steam gasification of softwood pellets in a dual fluidized bed 

reactor. In the study of Li et al. [103], the BFB gasifier has an internal diameter of 0.28 𝑚 and the 

bed inventory material is 120 𝑘𝑔 silica sand of mean particle size 143 𝜇𝑚, initially loaded to a 

height of 1.27 𝑚.  The operating temperature range of the BFB gasifier is 690-830oC, the feeding 

rate of softwood pellets was 10 kg/h and the steam flow rate is 10 kg/h. The detailed properties of 

softwood pellets, as well as the experimental operating conditions used in the study of Li et al. 

[103], were summarized in Table 4.1 and Table 4.2 respectively. 

 Figure 4.1 portrayed the model prediction for the yield of dry gas species from steam gasification 

of softwood pellet in BFB reactor as a function of gasifier bed temperature. Comparing the model 

developed in this paper with the prediction accuracy of the model developed by Agu et al. [54], 

the present model in good agreement with the prediction of Agu et al. [54] 1D model for 

experimental data. The error of the model may arise from number of reaction kinetics considered 

in the model (only the most common reaction kinetics are considered), indetermination of the 

parameters such as humidity and feed [26]. The mean absolute error expressed in equation (4.1) is 

used to compare the prediction of the model with other work, and the compassion is presented in 

Figure 4.2. The present model compared with Agu et al. [54] model, the absolute relative error for 

𝐻2 and 𝐶𝑂 dry gas species is slightly higher. Nevertheless, for 𝐶𝑂2 and 𝐶𝐻4 dry gas species gives 

better result than Agu et al. [54] prediction. In general, the present model gives satisfactory 

prediction compared to experimental data of Li et al. [103]. 
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Figure 4.1 Predicted dry gas species mole fraction compared with experimental data (𝑆/𝐵 = 1) at 

different bed temperatures. 

 

Figure 4.2 Compression of absolute relative error (%) of different model prediction and present 

study over temperature range 690-830oC with experimental data. 

𝐴𝑏𝑠𝑜𝑙𝑢𝑡𝑒 𝑒𝑟𝑟𝑜𝑟 (%) = (
1

𝑛
∑

|𝑋𝑖
𝑀𝑜𝑑𝑒𝑙 − 𝑋𝑖

𝐸𝑥𝑝.|

𝑋𝑖
𝐸𝑥𝑝.

𝑛

𝑖=1

) × 100  
 (4.1) 

Where, 𝑋𝑖
𝑀𝑜𝑑𝑒𝑙 is the model prediction value, 𝑋𝑖

𝐸𝑥𝑝
 value obtained from experiment, and 𝑛 is 

number of experimental iteration. 
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Table 4.1 Properties of softwood pellets used in the experimental work of Li et al. [103]. 

Fuel proximate analysis (%, dry basis) 

Moisture (%, wet basis) 5.4 

Volatiles  81.7 

Fixed carbon  17.3 

Ash  1.0 

Fuel ultimate analysis (%, dry, ash-free basis) 

C 50.8 

H 6.26 

N 0.22 

S 0.1 

O 42.6 

Table 4.2 Gasifier operating conditions used in the experimental work of Li et al. [103, 104]. 

Gasifier diameter 0.3m 

Freeboard diameter 0.66m 

Gasifier height (with/without freeboard) 2.43-1.37m 

Number of holes in distributer plate 72 

Gasifier bed inventory 120kg 

Sand particle diameter 200μm 

Sand density 2650kg/m3 

Biomass particle diameter  790μm 

Biomass particle density 570 kg/m3 

Biomass fuel flow rate  10kg/hr (as received) 

Biomass moisture content  10kg/hr (as received) 

Gasifier operating temperature 690-830oC 

Steam flow rate 10kg/hr 

Temperature of steam Same as gasifier 

Pressure of steam at inlet 1.2atm 

Temperature and pressure biomass fuel at inlet 25oC at 1.1atm 

Particle size of char 2.00x10-3m 

Bulk density of char 1.08x102 

Circulating mass flow rate of sand in the BFB 63.33kg/hr (calculated) 

4.1.2 Distribution of syngas mole fraction through height of BFB gasifier 

Figure 4.3 demonstrates the syngas distribution through gasifier height. As it can be observed, 

most of mole fraction change occurs at the bottom of the bed. This is due to the fact that at the 

bottom of the bed, there is a high fraction of bed material, which enhances more production of gas 

and mass exchange between them [26]. As the result, the mass transfer between gases is very high 

at the bottom of the bed. As observed from Figure 4.3 the molar fraction of all gas changed from 
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the bottom of the bed up to 0.4m of bed length and becomes constant. The molar fraction of 𝐻2𝑂 

reduces at the beginning and become constant. This due to that  𝐻2𝑂 consumed in WGS reaction, 

SMR reaction, and steam gasification of char. Also, 𝐶𝑂 decreases at the beginning increases for a 

while, and become constant through the length of the bed. On the other hand, 𝐻2 and 𝐶𝑂2 increases, 

and start to decrease while, and remains constant through the bed as illustrated in Figure 4.3. This 

is due to fact that the exothermic forward reaction of WGS is more dominant over other reactions 

in the bottom of the bed at where the mass fraction of bed material is high. 

 

Figure 4.3 Changes in molar ratio of syngas composition along the rector at steam to biomass ratio 

equal to 1 and bed temperature is 750 oC. 

4.2 Application of the model to sensitivity analysis 

4.2.1 Effect of bed temperature on syngas composition 

Figure 4.4 depicts that the bed temperature has a significant impact on the distribution of gas 

streams. The mole fraction of 𝐻2 increases significantly from 18.73% to 36.87%, 𝐶𝑂 reduces 

slightly from 39.97% to 34.2%, 𝐶𝑂2 reduces from 26.3% to 17.28% and 𝐶𝐻4  slowly reduces from 
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15.01% to 11.65% within a temperature range of 650 to 850oC, based on dry gas analysis. In the 

gasification process, the higher gas yield and lower char yield are obtained at higher gasification 

temperature.  

 

Figure 4.4 The effect of bed temperature on gas composition at biomass feed rate of 10 kg/h and 

steam flow rate of 10 kg/h. 

As portrayed in Figure 4.4, the higher temperature favors the production of 𝐻2 gas. At high 

temperatures, SMR reaction and steam gasification of char shifted toward product side according 

to Le Chatelier's principle [105, 106]. Furthermore, the WGS reaction also favors the production 

of 𝐻2 gas. The production of 𝐻2 via these reactions and the consumption of 𝐻2 in Methanation 

reaction gives the overall increase of 𝐻2 with the rising of temperature. Therefore, the 

𝐻2 production dominates the over its consumption reaction and increases with temperature rise. 

The generation of 𝐶𝑂 is controlled by Boudouard reaction, Steam gasification reaction and SMR 

reaction. At high temperatures, these reactions are contribute considerably amount to 𝐶𝑂 

concentration as for 𝐻2. However, the more consumption of 𝐶𝑂 in exothermic reaction of WGS at 

high temperature reduces the overall amount of 𝐶𝑂 slightly as portrayed in Figure 4.4. The result 
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also portrayed that the mole fraction of 𝐶𝑂2 and 𝐶𝐻4 are inversely related to bed temperature while 

𝐶𝐻4 shows slightly decreasing and 𝐶𝑂2 significantly decreasing relative to 𝐶𝑂 and 𝐶𝐻4. As for 

𝐶𝐻4, the SMR directly result in its consumption at higher temperatures. The exothermic 

Methanation reaction is less favorable for 𝐶𝐻4 production at higher temperatures. The decreasing 

trend of 𝐶𝐻4 under evaluated conditions was due to synergetic effect from these two reactions. As 

for 𝐶𝑂2, the Boudouard reaction directly result in consumption of 𝐶𝑂2 at high temperature. At 

high temperature, the Boudouard reaction shifts to product side and more 𝐶𝑂2 was consumed to 

form 𝐶𝑂. 

From the above discussion, we can conclude that the net effect of operating bed temperature 

increasing from 650 to 850oC slightly decreases the composition of 𝐶𝐻4 and 𝐶𝑂 while significantly 

increase the concentration of 𝐻2 and reduces the concentration of 𝐶𝑂2 significantly. 

4.2.2 Effect of steam to biomass ratio on syngas composition 

The model was also used to investigate the effect of steam to biomass ratio on dry syngas 

composition at a bed temperature of 750 oC. Figure 4.5 portrayed the effect of steam to biomass 

ratio on dry syngas composition for steam to biomass ratio ranging from 0.1 to 2. It was known, 

the increase of steam to biomass ratio represents a higher concentration of steam, which in turn 

favors the forward reactions of SMR, WGS and steam gasification of char, and enriches the 

production of 𝐻2. The content of 𝐻2 increases from 21.11% to 28.3% for steam to biomass ratio 

varies from 0.1 to 2 under 750 oC of bed temperature. Similar observation was also found in [106-

108]. It can be concluded, the steam to biomass ratio is a key variable, which promotes the 

production of 𝐻2. Over the investigated range of steam to biomass ratio the concentration of 𝐶𝑂 

reduces significantly and drops from 48.02% to 33.03%. It indicates, the exothermic reaction of 

WGS reaction promoted by high steam concentration, which in turn favors the conversion of 𝐶𝑂 

to 𝐻2. Furthermore, the increase of steam concentration enhances the WGS reaction to dominate 

the steam gasification of char and the SMR reaction, which are beneficial for 𝐶𝑂 production. This 

implies that the increase of steam to biomass ratio leads to the overall large consumption of 𝐶𝑂. 

Meanwhile, the concentration of 𝐶𝑂2 is increase significantly from 16.3% to 25.42%. The increase 

of 𝐶𝑂2 production under an increase in steam to biomass ratio attributed to WGS reaction and the 

adverse impact of carbon conversion with CO2 via the Boudouard reaction. The impact of steam 

to biomass ratio on 𝐶𝐻4 is very small as illustrated in a temperature effect. Over the investigated 
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range of steam to biomass ratio the 𝐶𝐻4 content slightly reduces from 14.58% to 13.25% which is 

almost negligible. 

 

Figure 4.5 The effect of S/B on gas composition at biomass feed rate of 10kg/h and bed temperature 

of 750oC.  

4.2.3 Effect of temperature and steam to biomass ratio on of heating value of syngas 

The energy content of syngas of biomass is expressed based its higher heating value (HHV) and 

lower heating value (LHV). The HHV of syngas refers to the heat released from the dry syngas 

and steam generated, while the LHV only based on dry syngas [49]. The HHV and LHV of biomass 

syngas calculated by Equation (4.2) and (4.3) respectively. 

Higher heating value of syngas given by  

𝐻𝐻𝑉𝑠𝑦𝑛𝑔𝑎𝑠 =∑𝐻𝐻𝑉𝑖,𝑣𝑜𝑙𝑚𝑒𝑡𝑟𝑖𝑐 ∗ 𝑌𝑖

𝑛

𝑖=1

 
 (4.2) 
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Where, 𝐻𝐻𝑉𝑖,𝑣𝑜𝑙𝑚𝑒𝑡𝑟𝑖𝑐 represent the volumetric higher heating value of each component, which 

their value is as given in Table 4.3 and 𝑌𝑖 is the volume fraction of each component in the produced 

gas on a dry basis. 

Lower heating value of syngas given by 

𝐿𝐻𝑉𝑠𝑦𝑛𝑔𝑎𝑠 =∑𝐿𝐻𝑉𝑖,𝑣𝑜𝑙𝑚𝑒𝑡𝑟𝑖𝑐 ∗ 𝑌𝑖

𝑛

𝑖=1

 
 (4.3) 

Where, 𝐻𝐻𝑉𝑖,𝑣𝑜𝑙𝑚𝑒𝑡𝑟𝑖𝑐 represent the volumetric lower heating value of each component in the 

produced gas and their value as given in Table 4.3. 

Table 4.3 Volumetric heating values of product gas from biomass gasification [109]. 

Gases 𝐻2 𝐶𝑂 𝐶𝑂2 𝐶𝐻4 

𝐻𝐻𝑉(𝑀𝐽/𝑁𝑚3) 12.74 12.63 - 39.82 

𝐿𝐻𝑉(𝑀𝐽/𝑁𝑚3) 10.78 12.63 - 35.88 

Figure 4.6 (a) and (b) portrayed the effect of the temperature and steam to biomass ratio increases 

on HHV and LHV of syngas respectively. The rise of bed temperature and steam to biomass ratio 

shows opposite effect on the HHV and LHV of syngas. The HHV and LHV of syngas increases 

from 13.41𝑀𝐽/𝑁𝑚3 to 13.70𝑀𝐽/𝑁𝑚3 and from  12.83𝑀𝐽/𝑁𝑚3 to 13.270𝑀𝐽/𝑁𝑚3 respectively 

for investigated temperature range of 650 to 850oC. However, the HHV and LHV of syngas 

decreases from 14.56𝑀𝐽/𝑁𝑚3 to 13.05𝑀𝐽/𝑁𝑚3 and from  13.57𝑀𝐽/𝑁𝑚3 to 11.98𝑀𝐽/𝑁𝑚3 

respectively for temperature range of 650 to 850oC. The opposite behavior of temperature and 

steam to biomass ratio on HHV and LHV of syngas depends on the content of 𝐶𝑂. As explained 

in section 4.2.1 and section 4.2.2 the molar fraction of 𝐶𝑂 increase with temperature rise and 

decrease with steam to biomass ratio rise. Therefore, the molar fraction of 𝐶𝑂 provides higher 

influence than 𝐻2 in the HHV and LHV of syngas. The HHV and LHV of 𝐶𝐻4 is three times higher 

than 𝐶𝑂 and 𝐻2 but this gas mole fraction is very low in quantities in both investigation of 

temperature and steam to biomass ratio. Similar observation also found in work of Tavares et al. 

[105]. 
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4.2.4 Hydrogen production 

Figure 4.7 (a) and (b) show the effect of temperature and steam to biomass ratio on hydrogen 

product respectively. Over the investigated range of temperature rise, the hydrogen amount 

increase from 18.73% to 36.96% and for the steam to biomass ratio rise from 0.1 to 2, the hydrogen 

amount increase from 21.11% to 28.3%. In steam biomass gasification, the increase of gasification 

temperature favors forward shifting of SMR reaction and steam gasification of char [107]. In 

addition, the WGS reaction shifted to the product side with increasing in gasification temperature. 

The combined effect of these reactions and temperature rise of gasification favors the hydrogen 

production, and the effect is as illustrated in Figure 4.7 (a). Furthermore, Figure 4.7 (b) illustrates 

the effect of steam to biomass ratio on hydrogen product. The increase of steam to biomass ratio 

in steam gasification promotes the forward reaction of SMR reaction, WGS reaction, and steam 

gasification reaction of char, which enriches the production of hydrogen gas. 

                                        (a)                                                                        (b) 

Figure 4.6 (a) Effect of bed temperature on heating value and (b) Effect of steam to biomass ratio 

on heating value. 
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                                (a)                                                                             (b)

Figure 4.7  (a) Effect of temperature and (b) Effect of steam to biomass ratio on 𝐻2 molar fraction. 
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Chapter 5 

5. Response surface and optimization in Design Expert 

The response surface and optimization were performed in Design expert software V-11. Design 

expert software is the systematic software, which used to study the effect of operating parameters 

and their interaction on the output of the system [110]. The step followed to build the response 

surface of the Matlab simulation result in this thesis is as follows. 

i. Setting the value of operating factor with the required range, 

ii. Developing the regression model, 

iii. Validation of regression model with Matlab simulation result, and 

iv. Estimation of optimum operating parameters. 

In this thesis, the Central Composite Face Centered Design (CCFCD) is used to determine the 

number of the simulation run. In this work, the response surface method (RSM) based CCFCD 

was applied to predict the optimum condition at which the production of syngas composition is 

high. Syngas composition, LHV, and HHV are dependent parameters on two factors, which are 

temperature and steam to biomass ratio. These two factors in regular Central Composite Design 

(CCD) were studied at five different levels for each factor. However, in this work CCD was 

modified by choosing an axial distance of 1.0 creating a Face-Centered CCD, which has only three 

levels per factor. The center points are replicated to provide excellent prediction capability near 

the center of the factor space. However, in this work at all center points, since the simulation result 

is the same only one center point is considered in the model. The design matrix for CCDFC was 

as shown in Table 5.1 and its result evaluated in Design-Expert software V-11. The total number 

of simulation runs is executed in random order and comprised of nine combinations with one center 

point as demonstrated in Table 5.2. The simulation data were evaluated by multiple regression 

equation to fit a power transform quadratic polynomial model expressed by Equation (5.1). 

𝑌𝜆 = 𝑏0 +∑𝑏𝑖

2

𝑖=1

𝑥𝑖 +∑𝑏𝑖𝑖𝑥𝑖
2

2

𝑖=1

+∑ ∑ 𝑏𝑖𝑗𝑥𝑖𝑥𝑗

2

𝑗=𝑖+1

2

𝑖=1

 

 (5.1) 

Where, 𝑌 is predicted response, 𝑏𝑜 is intercept, 𝑏𝑖 is linear coefficients, 𝑏𝑖𝑖 are quadratic 

coefficients, and 𝑏𝑖𝑗 are cross product coefficients. Their statistical significance of coefficients was 

calculated after regression. Furthermore, the coefficient of determination (R2) and analysis of 
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variance (ANOVA) was used to investigate the goodness fit of the regression model. Three-

dimensional analyses were used to investigate the optimal conditions of the independent variable 

and dependent variable. 

Table 5.1 Levels of independent variables for the simulation. 

Symbol Independent factor Low level Mid-level High Level 

A Temperature 650 750 850 

B Steam to biomass ratio 0.1 1.05 2 

5.1 Statistical analysis and regression model 

Table 5.2 summarized the details of simulation runs in Design-Expert (predicted) and simulation 

result from Matlab (actual), and model predicted syngas composition, LHV and HHV. Table 5.2 

depicts the Matlab simulation result was in good agreement with the result predicted by the Design 

Expert model. The multiple regression model was performed in Design-Expert software V-11, a 

power transformed quadratic equation was built. The simulation result obtained from Matlab was 

used to obtain the regression coefficients of the power-transformed quadratic equations for each 

dependent variable. The regression equation obtained from response surface methodology for each 

response variable as mentioned in Equation (5.2)-(5.7). 

𝑌1
2.07 = 815.86 + 692.37𝐴 + 155.94𝐵 + 82.81𝐴𝐵 + 254.75𝐴2

− 139.54𝐵2 

 (5.2) 

𝑌2
−1.8 = 0.0014 + 0.0003𝐴 + 0.0003𝐵 + 0.0001𝐴𝐵 − 0.0002𝐵2  (5.3) 

𝑌3
−0.03 = 0.9107 + 0.0053𝐴 − 0.0042𝐵 − 0.0018𝐴𝐵 + 0.0018𝐴2

+ 0.0042𝐵2 

 (5.4) 

𝑌4
−1.84 = 0.008 + 0.0022𝐴 + 0.0005𝐵 + 0.0002𝐴𝐵 + 0.0008𝐴2

− 0.0005𝐵2 

 (5.5) 

𝑌5
3 = 2206.91 − 246.74𝐵 + 246.4𝐵2  (5.6) 

𝑌6
3 = 2488.09 − 277.56𝐵 + 278.67𝐵2  (5.7) 

Where, 𝑌1 is 𝐻2, 𝑌2 is 𝐶𝑂, 𝑌3 is 𝐶𝑂2, 𝑌4 is 𝐶𝐻4, 𝑌5 is 𝐿𝐻𝑉, 𝑌6 is 𝐻𝐻𝑉, 𝐴 is temperature and 𝐵 is 

steam to biomass ratio. 
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Table 5.2 Simulation design matrix with actual and predicted values of syngas composition, LHV 

and HHV. 

Run 

No. 

Temperature SBR Model 

type 

(𝐻2)
2.07 (𝐶𝑂)−1.8 (𝐶𝑂2)

−0.03 (𝐶𝐻4)
−1.84 (𝐿𝐻𝑉)3 (𝐻𝐻𝑉)3 

1 850 1.05 Actual 1756.95 0.0017 0.9179 0.0109 2297.62 2537.27 

Prediction 1762.98 0.0018 0.9178 0.0110 2247.31 2477.78 

2 750 1.05 Actual 824.27 0.0014 0.9106 0.0081 2197.51 2478.02 

Prediction 815.86 0.0014 0.9107 0.0080 2206.91 2488.09 

3 750 0.1 Actual 517.56 0.0009 0.9189 0.0071 2720.96 3068.41 

Prediction 520.38 0.0009 0.9189 0.0071 2700.06 3044.32 

4 750 2 Actual 826.65 0.0014 0.9106 0.0081 2195.07 2475.17 

Prediction 832.27 0.0015 0.9105 0.0081 2206.57 2489.20 

5 650 0.1 Actual 166.05 0.0008 0.9138 0.0059 2675.43 3060.75 

Prediction 165.56 0.0008 0.9138 0.0059 2663.08 3045.57 

6 650 2 Actual 313.73 0.0011 0.9087 0.0065 2294.22 2624.02 

Prediction 311.84 0.0011 0.9088 0.0065 2265.68 2589.77 

7 850 2 Actual 1865.91 0.0020 0.9157 0.0113 2181.88 2409.01 

Prediction 1862.19 0.0020 0.9158 0.0113 2198.93 2429.23 

8 650 1.05 Actual 375.87 0.0012 0.9073 0.0067 2177.08 2489.58 

Prediction 378.24 0.0012 0.9073 0.0066 2217.98 2539.00 

9 850 0.1 Actual 1386.99 0.0012 0.9278 0.0098 2755.25 3044.40 

Prediction 1384.68 0.0012 0.9278 0.0098 2788.50 3083.68 

The confirmation of the proposed regression model is based on the coefficient of determination 

(R2), significance of individual and regression model coefficients, and analysis of ANOVA. The 

significance of the regression coefficient is ranked based on the p-value for all variables. For all 

individual coefficients that have the p-value less than 0.05 are considered statically significant. In 

addition, if the value of R2 is closer to unity then it is the indication of better model fitting to actual 

data. In this work, the R2 values are shown in Table 5.3. As observed, the value of R2 is closer to 

unity, which indicates that the influence of temperature and steam to biomass ratio on syngas 

composition and heating value is adequately represented by the power transformed quadratic 

polynomial model. The significance level of quadratic equation coefficients was determined by 

analysis of ANOVA as shown in Table 5.3. Smaller P-value and larger F-value are the indications 

of a highly significant effect of any term on the response variable [110]. 
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Table 5.3 Results of regression coefficients and analysis of variance for all response variables 

Source H2 CO CO2 CH4 LHV HHV 

𝜆 2.07 -1.8 -0.03 -1.84 3 3 

bo 815.86 0.0014 0.9107 0.0080 2206.91 2488.09 

A 692.37* 0.0003** 0.0053* 0.0022 14.67NS -30.61NS 

B 155.94* 0.0003** -0.0042* 0.0005 -246.74*** -277.56*** 

AB 82.81** 0.0001*** -0.0018* 0.0002 -48.04NS -49.66NS 

A2 254.75* 0.0001NS 0.0018** 0.0008 25.73NS 20.31NS 

B2 -139.54** -0.0002*** 0.0040* -0.0005 246.40*** 278.67*** 

P-value <0.0001 0.0006 <0.0001 <0.0001 0.0057 0.0067 

F-value 11046.97 188.28 4706.08 2920.97 41.41 37.23 

R2 0.9999 0.9968 0.9999 0.9998 0.9857 0.9841 

Adj. R2 0.9999 0.9915 0.9997 0.9995 0.9619 0.9577 

Prd.R2 0.9996 0.9633 0.9988 0.9975 0.8277 0.8083 

* Significant at P<0.0001, ** Significant at P<0.001, ***Significant at P<0.05, NS Non 

significant 

5.2 Response surface of dependent variables 

Figure 5.1 depicts the mutual effect of temperature and steam to biomass ratio on syngas 

composition. From Figure 5.1 (a) we observe that the combined effect of temperature (650 𝐶𝑜 ≤

𝑇 ≤ 750 𝐶𝑜 ) and steam to biomass ratio (0.1 ≤ 𝑆/𝐵 ≤ 2) has a positive impact on 𝐻2 yield. As 

it observed, higher temperature and steam to biomass ratio leads to a high amount of 𝐻2. This 

condition also observed in the sensitivity analysis of 𝐻2. Also higher molar fraction of 𝐻2 can be 

obtained at lower steam to biomass ratio and higher temperature or at higher steam to biomass 

ratio and lower temperature. The response surface depicted in Figure 5.1 (b) the mutual effect of 

temperature and steam to biomass ratio on 𝐶𝑂 content. As observed, a high content of 𝐶𝑂 produced 

at lower steam to biomass ratio and lower temperature. In addition at higher steam to biomass ratio 

and lower temperature high amount of 𝐶𝑂 also can be produced. However, the mutual effect of 

higher steam to biomass ratio and  the temperature has a negative impact on 𝐶𝑂 content. This 

effect is also shown in sensitivity analysis of 𝐶𝑂. Furthermore, the mutual effect of temperature 

and steam to biomass ratio on 𝐶𝑂2 also shown in response surface plot of Figure 5.1 (c). As have 
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been seen, temperature has a negative impact and steam to biomass ratio has positive impact on 

𝐶𝑂2 content. Lower temperature and higher steam to biomass ratio leads to higher 𝐶𝑂2 content, 

and higher temperature and lower steam to biomass ratio leads to lower content of 𝐶𝑂2. Figure 5.1 

(d) demonstrates mutual effect of temperature and steam to biomass ratio on 𝐶𝐻4. As observed, 

the mutual effect of temperature and steam to biomass ratio has a negative effect on 𝐶𝐻4. This 

trend of temperature and steam to biomass ratio on 𝐶𝐻4 also observed in the sensitivity analysis. 

However, at low temperature and low steam to biomass ratio or high steam to biomass ratio and 

lower temperature high amount of 𝐶𝐻4 can obtained. 

Figure 5.2 depicts the mutual effect of temperature and steam to biomass ratio on the heating value 

of syngas. As observed, the increase of temperature has a positive impact on the heating value of 

syngas, while an increase in steam to biomass ratio has a negative impact. This trend is also 

observed in sensitivity analysis of heating value to temperature and steam to biomass ratio 

individually. As it has been depicted in Figure 5.2 (a) and Figure 5.2 (b), high temperature and low 

steam to biomass ratio lead to high heating value. However, high temperature and high steam to 

biomass ratio lead to low heating value. This is due to at high temperature and high steam to 

biomass ratio,  𝐶𝑂, and 𝐶𝐻4 significantly low as observed from Figure 5.1 (b) and Figure 5.1 (d). 

5.3 Optimization of independent variables 

To demonstrate the mutual effect of temperature and steam to biomass ratio on syngas 

composition, response surfaces were plotted using Design Expert software. In addition, response 

surfaces were plotted for LHV and HHV to show the combined effect of temperature and steam to 

biomass on the heating value of syngas. After that, the numerical optimization was executed by 

desirability function using design expert software. The criteria and importance selected for the 

optimization are depicted in Table 5.4. Thirteen different solutions were found which have 

different levels of independent variables. From obtained solution by desirability function, the value 

with the highest desirability was selected as an optimum condition in the investigated temperature 

and steam to biomass ratio range. In the investigated range, at highest desirability, 827.866oC and 

0.1 steam to biomass ratio were selected as an optimum condition for syngas production based on 

criteria in Table 5.4 for desirability function.  
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(a)                                                                      (b) 

 

(c)                                                                      (d) 

Figure 5.1 Combined effect of temperature and steam to biomass ratio on syngas 

5.4 Verification of RSM model 

The optimized operating condition for syngas production was used to check the appropriateness 

of the model for the calculation of response values. The optimized operating condition was 

validated by simulating the developed model in Matlab under the optimized temperature (827.866 

oC) and steam to biomass (0.1). The Matlab simulation result was in agreement with the prediction 

by Design Expert software as depicted in Table 5.4. The root mean square mean (RMSE) between 

Matlab simulation result and predicted value of response at optimized condition was 2.5 based on 

Equation (5.8). 
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𝑅𝑀𝑆𝐸 = √
1

𝑁
∑(𝑌𝑖

𝑀𝑎𝑡𝑙𝑎𝑏 − 𝑌𝑖
𝐷𝐸)

2
𝑁

𝑖=1

 

 (5.8) 

Where 𝑌𝑖
𝑀𝑎𝑡𝑙𝑎𝑏 and 𝑌𝑖

𝐷𝐸 represent the Matlab simulation result and the design expert prediction at 

optimum condition respectively, and N is the total number of changing variable. 

 

                                         (a)                                                                 (b) 

Figure 5.2 Combined effect of temperature and steam to biomass ratio on LHV and HHV 

Table 5.4 Optimization setup in design expert software, Matlab simulation result and predicted 

value of response at optimized conditions. 

 T S/B H2 CO CO2 CH4 LHV HHV RMSE 

Criteria In 

range 

In 

range 

Maximize Maximize Minimize Maximize Maximize Maximize - 

Importance - - 5 4 3 4 5 5 - 

Predicted 827.87 0.1 30.096 44.070 13.200 12.900 14.035 14.536 - 

Matlab  827.87 0.1 32.1683 39.1076 16.2012 12.5229 13.5436 14.0241 2.5 
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Chapter 6 

6. Conclusion and Recommendation  

6.1 Conclusion  

In this work, first, a detailed literature review was discussed to investigate the existing model for 

biomass fuel gasification in bubbling fluidized bed to develop a numerical model for biomass fuel 

gasification in a bubbling fluidized bed gasifier. From the literature review, it was found that each 

model of biomass gasification in a BFB gasifier has advantage and disadvantages with different 

tactics on handling the complicated behavior of hydrodynamic conditions, mass and heat transfer 

comprising the reaction mechanism involved in BFB. Based on literature one-dimensional (1D) 

kinetic model for steam gasification in the BFB gasifier was developed. 

To develop a 1D kinetic model for steam gasified BFB gasifier, the literature review was analyzed 

to understand the biomass gasification process in BFB gasifier under steam as a gasifying agent. 

The first stage in a gasification process was the pyrolysis process. The pyrolysis process occurs at 

the bottom of the bed for a very short period at which biomass feedstock first has contact with hot 

inert bed material. At initial pyrolysis, the biomass devolatilized into non-condensable volatile gas, 

char, and tar. This pyrolysis stage was modeled based a kinetic lumped theory and the Arrhenius 

equation for the reaction mechanism. The non-condensable gas product distribution from initial 

pyrolysis was modeled based on an equation obtained from the literature for pin sawdust. The 

second stage occurs in the gasification process is the reaction involved among the non-condensable 

gas, gasifying agent and char. The reaction involved with tar generated from initial pyrolysis 

processes was ignored in this model. However, the tar was considered as thermally cracked into 

syngas product. The end product gas composition obtained from steam gasified biomass in BFB 

was assumed to have only 𝐶𝑂, 𝐻2, 𝐶𝑂2, 𝐶𝐻4 and 𝐻2𝑂 in the model. The major gasification reaction 

considered in this model development were Water Gas-Shift reaction, Steam Gasification reaction, 

Steam Methane Reforming reaction and Boudouard reaction. 

The developed 1D kinetic gasification model includes gas-solid hydrodynamic conditions, mass, 

and energy transfer balance on the gasifier that integrated with gasification reaction kinetics. The 

hydrodynamic model developed was based on a two-phase theory of bubble and emulsion phase. 

The governing correlation of hydrodynamic condition was used from the literature. In the steam 
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gasified BFB gasifier, temperature and steam have a significant impact on reaction kinetics. The 

reaction kinetics in this work was modeled based on the Arrhenius equation, which is a function 

of temperature. The solid and gas mixing effect was modeled individually with different mass 

transfer mechanisms. In addition, the mixing effect of gas generated from gasification kinetics was 

considered in the model. Furthermore, it was assumed, the reaction occurs in bubble phase are 

Steam Methane Reforming reaction and Water Gas-Shift reaction and in emulsion phase, all 

reaction possible occur.  

The 1D PDE equations developed in modeling steam gasified BFB gasifier, numerically solved in 

Matlab software by PDE solver called pdepe toolbox with properly applied initial conditions and 

boundary conditions.  The convergence of solution was achieved by setting absolute and relative 

tolerance to 10−6 and 10−4 respectively which corresponds to relative error of 0.001%. 

The developed model validated against experimental data from literature and the prediction 

accuracy of the model compared with other modeling studies from the literature. The syngas 

composition prediction of the developed model depicts close agreement with experimental data 

from the literature under operating temperature range of 650 − 850 oC and unity steam to biomass 

ratio. Under these conditions, the developed model gives absolute relative error 

15.53%, 15.86%, 9.79%  and 4.37% respectively for 𝐻2, 𝐶𝑂, 𝐶𝑂2 and 𝐶𝐻4 relative to 

experimental data from literature. After the developed model was validated, the model was 

employed to study the sensitivity analysis of temperature and steam to biomass ratio on the syngas 

composition and heating value of syngas. From sensitivity analysis, the following conclusion was 

drawn. 

 The impact of increasing bed temperature promotes the production of 𝐻2 due to at high 

temperature the forward reaction of SMR reaction and Steam gasification of char is favored 

at high temperature. However, the increase in temperature has a negative impact on 𝐶𝑂, 

𝐶𝑂2 and 𝐶𝐻4 production.  

 The impact of an increase in steam to biomass ratio on the production of 𝐻2 shows a 

positive impact. This is due to steam gasification promotes the forward reaction of SMR, 

WGS, and Steam gasification of char which enhances the production of 𝐻2. However, the 

production of 𝐶𝑂 decreases because of WGS reaction consume it to produce 𝐶𝑂2 and 𝐻2. 

Even though, the increase in steam to biomass ratio dilutes the product gas. 
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 Further, the developed model was also used to investigate the effect of temperature and 

steam to biomass ratio on syngas heating value. The increase of temperature leads to a 

higher syngas heating value, while the increase in steam to biomass ratio leads to a 

reduction in syngas heating value. 

In addition, in this study the RSM is used to study, the mutual effect of operating conditions 

(temperature and steam to biomass ratio) and to optimize the operating condition in the 

investigated range. The RSM and optimization were performed in Design-Expert software V-11. 

The Central Composite Face Centered Design (CCFCD) is used and RSM was applied to 

investigate the mutual effect of operating conditions. The developed design matrix in CCFCD was 

simulated in Matlab and the response value was filled in Design expert software. After that, the 

response data was fitted to power transformed quadratic polynomial model, and the accuracy of 

the model is investigated by analysis of variance (ANOVA) and coefficient of determination (R2). 

The developed RSM was used to investigate the mutual effect operational condition on syngas 

composition and heating value of syngas.  

The developed RSM was further used to optimize the operating condition of the developed model 

for the BFB gasifier in the investigated operational range in a sensitivity analysis. The numerical 

optimization executed in Design-Expert software using desirability function under given 

optimization criteria and importance. The optimum condition was selected based highest 

desirability function value, which is 827.866oC temperature and 0.1 steam to biomass ratio. The 

response predicted by desirability function at this optimum operational conditions are 30.096%, 

44.07%, 13.20%, 12.90%, 14.035 (MJ/Nm3) and 14.536 (MJ/Nm3) for 𝐻2, 𝐶𝑂, 𝐶𝑂2, 𝐶𝐻4, 𝐿𝐻𝑉 

and 𝐻𝐻𝑉  respectively. The optimized operational conditions was used to check the suitability of 

the model for prediction of the response values and validated against the 1D model developed with 

simulation result under the optimized condition in desirability function. The 1D model developed 

simulation result at 827.866oC temperature and  0.1 steam to biomass ratio was 32.1683%, 

39.1076%, 16.2012%, 12.5229%, 13.5436 (MJ/Nm3) and 14.0241 (MJ/Nm3) for 𝐻2, 𝐶𝑂, 𝐶𝑂2, 

𝐶𝐻4, 𝐿𝐻𝑉 and 𝐻𝐻𝑉  respectively. The RMSE between desirability function prediction and Matlab 

simulation result was 2.5. This implies that the optimized condition was in good agreement with 

the developed model. 
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6.2 Recommendation for future work 

The developed model can be applied to BFB gasifier to improve the design and operational control. 

Besides, the developed model computationally less demanding. However, to improve the model 

prediction the elaborated tar reaction kinetic chemistry is significantly needs to be improved in the 

future. Furthermore, the effect of temperature, solid circulation rate, and syngas composition in 

the BFB on tar reaction kinetics needed further study. In addition, the developed model can be 

extended to include solid circulation rate of inert bed material and integrated with a circulated 

fluidized bed in the future work to predict the performance of dual fluidized bed. Furthermore, this 

study can be extended to experimental work of BFB gasifier, and the developed model prediction 

can be applied and improved. 
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Appendix  
Matlab function that solves the developed model in this thesis. 

function pdebfb_DFB_BFBPost 

close all; 

clear all 

tic 

datestr(now) 

in = 1; 

%% Operating condition 

T=750+273;        % Operating temperature of BFB [K] 

Tatm = 298;       % Atomsperic temperature [K] 

P = 101325*1;   % Operating pressure BFB[Pa] 

R = 8.314;        % Universal gas constant [J/K/mol] 

g = 9.81;         % Acceleration due to gravity [m/s^2] 

D1=0.15e-4*(T/273)^1.75; % Ideal gas diffusion coefficient [m^2/s] 

A_cs = pi*0.15^2;        % Cross sectional area of the bed [m^2] 

Dt= 0.3;                 % Diameter of BFB bed[m] 

H= 1.37;                 % Height of the BFB [m] 

V_r=A_cs*H;              % Reactor volume [m^3] 

feed=10/3600;            % Biomass feed rate [kg/s] 

SFR = 10/3600;           % Feed rate steam [Kg/s] 

Mwsand=60.085;           % Molecular weight of silca sand [kg/Kmol] 

Mwchar= 14.2;            % Molecular weight of char [kg/Kmol] 

Msand= 100;              % Mass of solid inventory used in the BFB[kg] 

Bsand=63.33/3600;        % Flow rate of inert bed [kg/s] 

dp=200e-6;               % Diameter of particles inert solid (sand)[m] 

rho_steam=(P/1000)/R/T/(1/18); % Density of steam [kg/m^3] 

rho_sand=2650;                 % Density of inert bed particles[kg/m^3] 

rho_biomass=570;               % Density of bulk biomass[kg/m^3] 

rho_char=rho_biomass*30/100;   % Density of char [kg/m^3] 

Us= Bsand/rho_sand/A_cs;       % Velocity of solid particle [m/s] 

meu_gas=1.98*10^(-5)*(T/300)^(2/3); % Viscosity of gas species [Pa.s] 

residence_time = Msand/Bsand;       % Solid residence time in the bed [s] 

time_res =1/((1/(1.08e7*exp(-121000/8.314/T)))+... 

(1/(2e8*exp(-133000/8.314/T)))+(1/(1.3e8*exp(-140000/8.314/T)))); % Pyrolysis residence time 

[s] 

%% Effective radiation coeffecient 

dpc= 2e-3; % Char particle diameter[m] 

np=5; 

phi= (1+np*dp/dpc)^2; 

eta_p=0.95; 

eta_fb=0.8; 

eta_rad=1/(1/eta_p+(1/phi*(1/eta_fb-1)));  % Effective radiation coefficient 

%% Pyrolysis modelling in BFB biomass gasifiers. 

[~,f]=ode113(@initialpyrolysis, [0 time_res], [feed 0 0 0]); %[t,f] 

% M_biomass=f(end,1);  % Rate of biomass consumption by devolatilion, [Kg/s] 

M_gas=f(end,2);      % Rate of gass generation by devolatilization, [Kg/s] 

M_tar =f(end,3);     % Rate of tar generation by devolatilization, [kg/s] 

M_char =f(end,4);    % Rate of char generation by devolatilization, [kg/s] 

%% Gas composition of initial pyrolysis from prediction correlation 

m=[1.33531E-16 18006450.34 2480.823701 443126.516]; 

a=[5.726819409 -1.870949006 -0.69559076 -1.494493718]; 

lamda=m.*T.^a/100;         % Molefraction of drygas from fast pyrolysis [mol/mol] 

Mw_gas=[2 28 44 16 ];      % Molecular weight of dry gaseous [kg/kmol] 

Avg_Mw=sum(lamda.*Mw_gas); % Average molecular weight of dry gas [kg/kmol] 

n_gas=M_gas/Avg_Mw;        % Mole of dry gaseous [kmol/s] 

n_steam=SFR/18;            % Mole of steam flow rate [kmol/s] 

ug= (n_gas+n_steam)/(P/T/R/1000)/A_cs; % Velocity of gaseous stream [m/s] 

%% Tar concentration in the BFB 

Mwtar=18.1;         % Molecular weight of tar compound [kg/kmol] 

n_tar=M_tar/Mwtar;  % Mole of tar compound [kmol/s] 

C_tar=n_tar/V_r;    % Concentration of tar [kmol/m3.s] 

%% Gas concentration in the BFB 

C_total=P/T/R/1000 ; % Total volatile concentration in the BFB [kmol/m^3] 

C_steam=n_steam/V_r; % Concentration of steam in the BFB [kmol/m^3.s] 

V_steam = SFR/rho_steam; % Volume flowrate of steam [m^3/s] 

V_gas= n_gas/(C_total-C_steam-C_tar); % Volume flowrate of dry gas [m^3/s] 

%% Without considering tar concentration 
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% V_gas= n_gas/(C_total-C_steam); % volume flowrate of dry gas [m^3/s] 

%% Concentration of individual gas from fast pyrolysis 

C_H2=n_gas*lamda(1)/V_gas;  % concentration of H2 from pyrolysis[kmol/m^3] 

C_CO=n_gas*lamda(2)/V_gas;  % concentration of CO from pyrolysis[kmol/m^3] 

C_CO2=n_gas*lamda(3)/V_gas; % concentration of CO2 from pyrolysis[kmol/m^3] 

C_CH4=n_gas*lamda(4)/V_gas; % concentration of CH4 from pyrolysis[kmol/m^3] 

C_H2O=C_steam;              % concentration of H2O in the BFB [kmol/m^3] 

Mw=[2 28 44 18 16 ];        % Molecular weight of H2,CO,CO2,H2O,CH4 [kg/kmol] 

Ci=[C_H2 C_CO C_CO2 C_H2O C_CH4]; % concentration of gases species in the BFB from pyrolysis 

[kmol/m^3] 

Avg_Mw=sum(Ci/sum(Ci).*Mw);       % Average molecular weight of gas mixure[kg/kmol] 

rho_gas=(P/1000)/R/T/(1/Avg_Mw);  % Density of gas mixture [kg/m^3] 

Ar= (dp^3*rho_gas*(rho_sand-rho_gas)*g)/meu_gas^2; % Archimedies number 

nd= 72; % Number of airofice in the gas distributor 

umf = meu_gas*((27.2^2+0.0408*Ar)^0.5-27.2)/(rho_gas*dp); % Minimum fluidisation velocity of 

BFB[m/s] 

dbm=2.59*(A_cs*(ug-umf)/(g^0.5))^0.4; % Maximum bubble diameter of the bed [m] 

db0=1.38*(A_cs*(ug-umf)/(nd*g^0.5))^0.4;% Initial bubble diameter of the bed [m] 

d_b=db0;  % Bubble diameter 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% check within fluidizing regime 

Ub=ug-umf+0.711*(g*d_b)^0.5;        % Bubble Velocity in the bed [m/s] 

eta_b= (ug-umf)/(Ub-umf);           % Volume fraction of the Bubble phase 

Re_s=eta_b*rho_gas*dp*(ug)/meu_gas; % Reynolds number  

if Re_s<=0.4 

    Ut=dp^2*(rho_sand-rho_gas)*g/(18*meu_gas); 

    if Re_s>0.4 && Re_s<=500 

        Ut=dp*((4*(rho_sand-rho_gas)^2*g^2)/(225*meu_gas*rho_gas))^(1/3); 

        if Re_s>500 && Re_s<=2e5 

            Ut=(3.1*dp*g*(rho_sand-rho_gas)/rho_gas)^0.5; 

        end 

    end 

end 

if (ug < umf) 

    disp('Steam supply velocity must be greater than the minimum fluidising velocityof the 

BFB') 

elseif (ug > Ut) 

    disp('steam supply velocity must be less than the terminal velocity of the bed particle') 

    return 

else 

end 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

Emf=0.4025+603.7*dp; % Bubble fraction at minimum fluidization 

Dsr=3/16*eta_b/(1-eta_b)*umf*d_b/Emf; % Solid disperational coefficient [m^2/s] 

Dmb= diffusion(Ci,T); % Diffusion of gaseous species in bubble phase [m^2/s] 

Dme= diffusion(Ci,T); % Diffusion of gaseous species in emulsion phase [m^2/s] 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

% To calculate the Gibbs formation of species gas the value was taken from 

% INTRODUCTION TO CHEMICAL ENGINEERING THERMODYNAMICS EIGHTH EDITION By 

% J. M.SmithH. C. Van Ness, M. M. Abbott and M. T. Swihart 

% Cp_ig/R=A+BT+CT^2+DT^-2 for T(K) from 298K to Tmax 

% The Order of Parameters for the compounds are as follows: 

%% H2, CO, CO2, H2O CH4, C 

A = [3.249 3.376 5.457 3.470 1.702 1.771]; 

B = [0.422e-3 0.557e-3 1.047e-3 1.450e-3 9.081e-3 0.771e-3]; 

C = [0 0 0 0 -2.164e-6 0]; 

D = [0.083e5 -0.031e5 -1.157e5 0.121e5 0 -0.867e5]; 

Ho_f298 = [0 -110525 -393509 -241818 -74520 0];  % Heat of formation at 298 kelvin [KJ/Kmol] 

Go_f298 = [0 -137169 -394359 -228572 -50460 0];  % Gibbs enthalpy of formation at 298 kelvin 

[KJ/Kmol] 

ko_i =[3.616e1 1.517e4 4.189e-3 7.301e-2];       % Arrhenius kinetic constants for gaseous 

species [1/s] 

E_i =[77390 121620 19210 36150];                 % Arrhenius activation energy for the chemical 

reactions [J/mol] 

%% Stoichiometric coefficents of the reactions involved in the reactor 

%% 1.H2, 2.CO, 3.CO2, 4.H2O, 5.CH4, 6.C 

vi =[0, 2,-1, 0, 0,-1; ...   C+CO2<==>2CO 

    1, 1, 0, -1, 0,-1; ...   C+H2O<==>CO+H2 

    -2, 0, 0, 0, 1,-1; ...   C+2H2<==>CH4 

    3, 1, 0, -1, -1, 0; ...  CH4+H2O<==>CO+3H2 

    1,-1, 1, -1, 0, 0];...   CO+H2O<==>CO2+H2 
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%% 1.H2, 2.CO, 3.CO2, 4.CH4, 5.tar_inert 

gama=[0.01733 0.5633 0.1109 0.0884 0.22]; % Coefficients of tar cracking 

%% Bubble case 

del_Ab = A(1:5)*vi(4:5,1:5)'; 

del_Bb = B(1:5)*vi(4:5,1:5)'; 

del_Cb = C(1:5)*vi(4:5,1:5)'; 

del_Db = D(1:5)*vi(4:5,1:5)'; 

del_Go_f298b = Go_f298(1:5)*vi(4:5,1:5)'; % [KJ/Kmol] 

del_Ho_f298b = Ho_f298(1:5)*vi(4:5,1:5)'; % [KJ/Kmol] 

Jb = del_Ho_f298b - (del_Ab * Tatm + del_Bb/2*Tatm^2 + del_Cb/3*Tatm^3-del_Db/Tatm)* R; % 

[KJ/Kmol] 

Ib = -((del_Go_f298b-Jb)/(R*Tatm)+del_Ab*log(Tatm)+ del_Bb/2*Tatm 

+del_Cb/6*Tatm^2+del_Db/(2*Tatm^2));%[-] 

%% Emulsion case 

del_Ae = A*vi'; 

del_Be = B*vi'; 

del_Ce = C*vi'; 

del_De = D*vi'; 

del_Go_f298e = Go_f298*vi'; % [KJ/Kmol] 

del_Ho_f298e = Ho_f298*vi'; % [KJ/Kmol] 

Je = del_Ho_f298e - (del_Ae * Tatm + del_Be/2*Tatm^2 + del_Ce/3*Tatm^3-del_De/Tatm)* R; % 

[KJ/Kmol] 

Ie = -((del_Go_f298e-Je)/(R*Tatm)+del_Ae*log(Tatm)+ del_Be/2*Tatm 

+del_Ce/6*Tatm^2+del_De/(2*Tatm^2));%[-] 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Calling built function in PDEPE tolbox solver 

%% calling functions for pdepe Solver 

m =0;  % m can be 0, 1, or 2, corresponding to slab, cylindrical, or spherical symmetry, 

respectively 

x = linspace(0,15,40);                              % Spatial mesh 

tspan = linspace(0,0.1,40);                             % Time span of integration 

options = odeset('RelTol',1e-4,'AbsTol',1e-6);        % Option 

dx= x(2)-x(1);                                        % Spatial size 

sol = pdepe(m,@pdefun,@icfun,@bcfun,x,tspan,options); % Calling functions for PDEPE solver 

% sol = pdepe(m,@pdefun,@icfun,@bcfun,x,tspan); % Calling functions for PDEPE solver 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Post processing of result from PDEPE solver 

u1 = sol(:,:,1); 

u2 = sol(:,:,2); 

u3 = sol(:,:,3); 

u4 = sol(:,:,4); 

u5 = sol(:,:,5); 

u6 = sol(:,:,6); 

u7 = sol(:,:,7); 

u8 = sol(:,:,8); 

u9 = sol(:,:,9); 

u10 = sol(:,:,10); 

u11 = sol(:,:,11); 

T_b=sol(:,:,12); 

T_e=sol(:,:,13); 

T_p=sol(:,:,14); 

G_tot=u1+u2+u3+u4+u5+u6+u7+u8+u9+u10; % total wet gas [kmol/m^3] 

GD_tot=u1+u2+u3+u5+u6+u7+u8+u10;      % TOTAL DRY GAS 

pp = min(size(u1)); 

size(x); 

size(tspan); 

size(sol(:,:,1)); 

U12=G_tot(1:pp,:); 

U13=GD_tot(1:pp,:); 

% U13=U14(1:pp,end); 

% U12=U15(1:pp,end); 

%%%%%%%%%%%%%%%%%%%% 

%% Plots 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% BUBBLE phase mole fraction 2D 

figure 

subplot(2,2,[1,3]) 

box on 

plot(u1(1:pp,end)./U13(1:pp,end),x(1:pp),':k',... 

    u2(1:pp,end)./U13(1:pp,end),x(1:pp),'-k',... 

    u3(1:pp,end)./U13(1:pp,end),x(1:pp),'-.k',... 
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    u5(1:pp,end)./U13(1:pp,end),x(1:pp),'--k','LineWidth',1.5); 

ylabel('Reactor height (m)','FontSize',12); 

xlabel('Mole fraction (mol/mol)','FontSize',12); 

% legend('{H2}','{CO}','{CO_2}','{CH_4}'); 

grid on 

grid minor 

title('Bubble phase','FontSize',12) 

%% EMULSION phase mole fraction 2D 

subplot(2,2,[2,4]) 

box on 

plot(u6(1:pp,end)./U13(1:pp,end),x(1:pp),':k',... 

    u7(1:pp,end)./U13(1:pp,end),x(1:pp),'-k',.... 

    u8(1:pp,end)./U13(1:pp,end),x(1:pp),'-.k',... 

    u10(1:pp,end)./U13(1:pp,end),x(1:pp),'--k','LineWidth',1.5); 

ylabel('Reactor height (m)','FontSize',12); 

xlabel('Mole fraction (mol/mol)','FontSize',12); 

% axis([0 0.45 0 1.4]) 

legend('{H2}','{CO}','{CO_2}','{CH_4}','FontSize',12,'TextColor','black'); 

legend('Location','northeast','TextColor','black'); 

legend('boxoff','FontSize',12,'TextColor','black') 

grid on 

grid minor 

title('Emulsion phase','FontSize',12) 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Bubble vs Emulsion subplot 

figure 

subplot(2,2,[1,3]) 

box on 

hold on 

plot(u1(1:pp,end)./U12(1:pp,end),x(1:pp),':k','LineWidth',1.5) 

plot(u2(1:pp,end)./U12(1:pp,end),x(1:pp),'-k','LineWidth',1.5) 

plot(u3(1:pp,end)./U12(1:pp,end),x(1:pp),'-.k','LineWidth',1.5) 

plot(u4(1:pp,end)./U12(1:pp,end),x(1:pp),'-k') 

plot(u5(1:pp,end)./U12(1:pp,end),x(1:pp),'--k','LineWidth',1.5); 

ylabel('Reactor height (m)','FontSize',12); 

xlabel('Mole fraction(mol/mol)','FontSize',12); 

% legend('{H2}','{CO}','{CO_2}','{H_2O}','{CH_4}'); 

grid on 

grid minor 

title('Bubble phase','FontSize',12) 

%% EMULSION phase mole fraction 2D 

subplot(2,2,[2,4]) 

box on 

hold on 

plot(u6(1:pp,end)./U12(1:pp,end),x(1:pp),':k','LineWidth',1.5); 

plot(u7(1:pp,end)./U12(1:pp,end),x(1:pp),'-k','LineWidth',1.5); 

plot(u8(1:pp,end)./U12(1:pp,end),x(1:pp),'-.k','LineWidth',1.5); 

plot(u9(1:pp,end)./U12(1:pp,end),x(1:pp),'-k') 

plot(u10(1:pp,end)./U12(1:pp,end),x(1:pp),'--k','LineWidth',1.5); 

ylabel('Reactor height (m)','FontSize',12); 

xlabel('Mole fraction (mol/mol)','FontSize',12); 

% axis([0 0.4 0 1.4]) 

legend('{H2}','{CO}','{CO_2}','{H_2O}','{CH_4}','FontSize',12,'TextColor','black'); 

legend('Location','northeast','TextColor','black'); 

legend('boxoff','FontSize',12,'TextColor','black'); 

grid on 

grid minor 

title('Emulsion phase','FontSize',12) 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Mole fraction plot[Gas distribution through reactor height] 

figure 

subplot(2,2,[1,3]) 

box on 

hold on 

plot((u1(1:pp,end)+u6(1:pp,end))./U12(1:pp,end),x(1:pp),':k','LineWidth',1.5); 

plot((u2(1:pp,end)+u7(1:pp,end))./U12(1:pp,end),x(1:pp),'-k','LineWidth',1.5); 

plot((u3(1:pp,end)+u8(1:pp,end))./U12(1:pp,end),x(1:pp),'-.k','LineWidth',1.5); 

plot((u4(1:pp,end)+u9(1:pp,end))./U12(1:pp,end),x(1:pp),'-k') 

plot((u5(1:pp,end)+u10(1:pp,end))./U12(1:pp,end),x(1:pp),'--k','LineWidth',1.5); 

ylabel('Reactor height (m)','FontSize',12); 

xlabel('Mole fraction (mol/mol)','FontSize',12); 
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% axis([0 0.5 0 1.4]) 

legend('{H2}','{CO}','{CO_2}','{H_2O}','{CH_4}','FontSize',12,'TextColor','black'); 

legend('Location','best','TextColor','black'); 

legend('boxoff','FontSize',12,'TextColor','black') 

grid on 

grid minor 

title('Wet gas analysis','FontSize',12) 

  

subplot(2,2,[2,4]) 

box on 

plot((u1(1:pp,end)+u6(1:pp,end))./U13(1:pp,end),x(1:pp),':k',... 

    (u2(1:pp,end)+u7(1:pp,end))./U13(1:pp,end),x(1:pp),'-k',... 

    (u3(1:pp,end)+u8(1:pp,end))./U13(1:pp,end),x(1:pp),'-.k',... 

    (u5(1:pp,end)+u10(1:pp,end))./U13(1:pp,end),x(1:pp),'--k','LineWidth',1.5); 

ylabel('Reactor height (m)','FontSize',12); 

xlabel('Mole fraction (mol/mol)','FontSize',12); 

% axis([0 0.5 0 1.4]) 

legend('{H_2}','{CO}','{CO_2}','{CH_4}','FontSize',12,'TextColor','black'); 

legend('boxoff','FontSize',12,'TextColor','black') 

legend('Location','best'); 

grid on 

grid minor 

title('Dry gas analysis','FontSize',12) 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Percentage mole fraction plot[Gas distribution through reactor height] 

figure 

box on 

hold on 

plot(x(1:pp),100*(u1(1:pp,end)+u6(1:pp,end))./U12(1:pp,end),':k','LineWidth',1.5); 

plot(x(1:pp),100*(u2(1:pp,end)+u7(1:pp,end))./U12(1:pp,end),'-k','LineWidth',1.5); 

plot(x(1:pp),100*(u3(1:pp,end)+u8(1:pp,end))./U12(1:pp,end),'-.k','LineWidth',1.5); 

plot(x(1:pp),100*(u4(1:pp,end)+u9(1:pp,end))./U12(1:pp,end),'-k','LineWidth',0.5) 

plot(x(1:pp),100*(u5(1:pp,end)+u10(1:pp,end))./U12(1:pp,end),'--k','LineWidth',1.5); 

xlabel('Reactor height (m)','FontSize',12); 

ylabel('Mole fraction (%)','FontSize',12); 

% axis([0 0.5 0 1.4]) 

legend('{H2}','{CO}','{CO_2}','{H_2O}','{CH_4}','FontSize',12,'TextColor','black'); 

legend('Location','best','TextColor','black'); 

legend('boxoff','FontSize',12,'TextColor','black') 

grid on 

grid minor 

title('Wet gas analysis','FontSize',12) 

  

figure 

box on 

plot(x(1:pp),100*(u1(1:pp,end)+u6(1:pp,end))./U13(1:pp,end),':k',... 

    x(1:pp),100*(u2(1:pp,end)+u7(1:pp,end))./U13(1:pp,end),'-k',... 

    x(1:pp),100*(u3(1:pp,end)+u8(1:pp,end))./U13(1:pp,end),'-.k',... 

    x(1:pp),100*(u5(1:pp,end)+u10(1:pp,end))./U13(1:pp,end),'--k','LineWidth',1.5); 

xlabel('Reactor height (m)','FontSize',12); 

ylabel('Mole fraction (%)','FontSize',12); 

% axis([0 0.4 0 50]) 

legend('{H_2}','{CO}','{CO_2}','{CH_4}','FontSize',12,'TextColor','black'); 

legend('boxoff','FontSize',12,'TextColor','black') 

legend('Location','best'); 

grid on 

grid minor 

title('Dry gas analysis','FontSize',12) 

%% Char conversion 

figure 

box on 

plot(u11(end,1:pp),x(1:pp),'-k'); 

ylabel('Reactor height {m}') 

xlabel('W_{char} [kg])') 

grid on 

grid minor 

%% Gas yield along gasifier 

figure 

box on 

plot(U12(1:pp,end), x(1:pp)); 

ylabel('Reactor height {m}') 
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xlabel('Gas Yeild') 

grid on 

grid minor 

%% Temperature distribution 

figure 

box on 

plot(T_b(1:pp,end),x(1:pp)); 

ylabel('Reactor height {m}') 

xlabel('T_b(Bubble phase)') 

grid on 

grid minor 

  

figure 

box on 

plot(T_e(1:pp,end),x(1:pp),'LineWidth',2); 

ylabel('Reactor height {m}') 

xlabel('T_e(emulsion phase)') 

grid on 

grid minor 

  

figure 

box on 

plot(T_p(1:pp,end),x(1:pp),'LineWidth',2); 

ylabel('Reactor height {m}') 

xlabel('T_p(emulsion phase)') 

grid on 

grid minor 

  

Tbed=(T_b+T_e+T_p)/3; 

figure 

box on 

plot(Tbed(1:pp,end),x(1:pp),'LineWidth',2); 

ylabel('Reactor height {m}') 

xlabel('T_bed(Bed temp)') 

grid on 

grid minor 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Dry gas mole fraction at exit of gasifier 

mf=(u1(1:pp,:)+u6(1:pp,:))./U13(1:pp,:); 

mf2=(u2(1:pp,:)+u7(1:pp,:))./U13(1:pp,:); 

mf3= (u3(1:pp,:)+u8(1:pp,:))./U13(1:pp,:); 

mf4=(u5(1:pp,:)+u10(1:pp,:))./U13(1:pp,:); 

h2=mf(end,end); 

co=mf2(end,end); 

co2=mf3(end,end); 

ch4=mf4(end,end); 

Dry_gas=100*[h2 co co2 ch4]; 

%% Lower heating value and higher heating value 

LHV_syngas=12.78*h2+12.63*co+35.88*ch4; 

HHV_syngas=12.74*h2+12.63*co+39.82*ch4; 

HHV=[LHV_syngas HHV_syngas]; 

toc 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% PDEPE solver development 

function [c,f,s] = pdefun(x,~,u,DuDx)  %pdefun(x,t,u,DuDx) 

    %% Asigning of variable to be solved  

    % Concentration of bubble gas species [kmol/m^3] 

    C_H2b=u(1);      

    C_COb=u(2); 

    C_CO2b=u(3); 

    C_H2Ob=u(4); 

    C_CH4b=u(5); 

    % Concentration of emulsion gas species [kmol/m^3] 

    C_H2e=u(6); 

    C_COe=u(7); 

    C_CO2e=u(8); 

    C_H2Oe=u(9); 

    C_CH4e=u(10); 

    % Char fraction  

    C_Cs=u(11);  

    % Temperature of bubble phase, emulsion phase and solid particle 
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    Tb=u(12); 

    Te=u(13); 

    Tp=u(14); 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    C_Total= sum(u(1:10));     % Total gas in the BFB [kmol/m^3] 

    Mw_gasi=[2 28 44 18 16]';  % Molecular weight of gaseous [kg/kmol] 

    Avg_Molwt_gas= sum((u(1:5)/C_Total).*Mw_gasi)+sum(u(6:10)/C_Total.*Mw_gasi); % Average 

molecular weight [kg/kmol] 

    rho_gas= P/R/Tb*Avg_Molwt_gas/1000;              % Average density of gas species [kg/m^3] 

    dbm=2.59*(A_cs*(ug-umf)/(g^0.5))^0.4;            % Maximum bubble diameter [m] 

    db0=1.38*(A_cs*(ug-umf)/(nd*g^0.5))^0.4;         % Initial bubble diameter [m] 

    d_b= dbm-(dbm-db0)*exp(-0.3*x/Dt);               % Bubble diameter at different zone of BFB 

bed [m] 

    Ar= dp^3*rho_gas*(rho_sand-rho_gas)*g/meu_gas^2; % Archimedies number 

    umf = meu_gas*((27.2^2+0.0408*Ar)^0.5-27.2)/(rho_gas*dp); % Minimum fluidisation velocity 

[m/s] 

    Ub=ug-umf+0.711*(g*d_b)^0.5;  % Bubble Velocity [m/s] 

    eta_b= (ug-umf)/(Ub-umf);     % Bubble voidage 

    Ue = umf/(1-eta_b);           % Emulsion phase gas velocity [m/s] 

    ubr= 0.711*(g*d_b)^0.5;       % Rise velocity of single bubble relative to emulsion solids    

[m/s] 

    Emf=0.4025+603.7*dp ;         % Void fraction at minimum fluidisation 

    %% Diffusion coefficent 

    Dmb= diffusion(u(1:5),Tb);    % Diffusion coeffient of H2,CO,CO2,H2O,CH4 in the gas mixture 

in bubble phase [m^2/s] 

    Dme= diffusion(u(6:10),Te);   % Diffusion coeffient of H2,CO,CO2,H2O,CH4 in the gas mixture 

in emulsion phase [m^2/s] 

    Dif_b= sum(Dmb'.*u(1:5)/sum(u(1:5)));    % Average bubble phase diffusion coefficient 

[m^2/s] 

    Dif_e= sum(Dme'.*u(6:10)/sum(u(6:10)));  % Average emulsion phase diffusion coefficient 

[m^2/s] 

    %% Mass transfer coefficients 

    Kbc = 4.5 *umf/d_b +5.85*(Dif_b^0.5*g^0.25/d_b^1.25); % Bubble side mass excachange 

coefficient [1/s] 

    Kce=6.77*(Dif_e*Emf*ubr/d_b^3)^0.5;                   % Emulsion side mass exchane 

coefficient [1/s] 

    Kbe=1/(1/Kbc+1/Kce);   % Mass transfer coefficient between the emulsion and bubble phase 

gas [1/s] 

    %% Thermal conductivity of gases is polynomial in temperature and can be 

    %% described by the following equation as in Handbook of Heat Transfer by 

    %% Warren M.Rohsenow, James P.Hartnett and Young I.Cho. 

    % H2, Coefficient temperature range 500<T<1050K 

    % CO, Coefficient temperature range 250<T<1050K 

    % CO2, Coefficient temperature range 600<T<1000K 

    % CH4 Coefficient temperature range 200<T<1000K 

    %% k=Sum[C(N)T^N) where C(N)= a2, b2....g2 and N=1,2,....6 

    %% Coefficients 

    a2=[1.083105e-1 -7.41704398e-4 6.085375e-2 -1.3401499e-2]; 

    b2=[2.21163789e-4 9.87435265e-5 -3.63680275e-4 3.6630706e-4]; 

    C2=[2.26380948e-7 -3.77511167e-8 1.0134366e-6 -1.82248608e-6]; 

    d2=[-1.74258636e-10 -1.99334224e-11 -9.7042356e-10 5.93987998e-9]; 

    e2=[4.6468625e-14 3.65528473e-14 3.27864115e-13 -9.1405505e-12]; 

    f2=[0 -1.2427179e-17 0 6.7896889e-15]; 

    g2=[0 0 0 -1.95048736e-18]; 

    %% Thermal conductivity of gaseous species 

    

k_b(1:3)=(a2(1:3)+b2(1:3)*Tb+C2(1:3)*Tb^2+d2(1:3)*Tb^3+e2(1:3)*Tb^4+f2(1:3)*Tb^5+g2(1:3)*Tb^6); 

% [kW/m/K] 

    %% Need to be interpolated from steam equation for k_4e and k_4b based on input temperature 

%     k_b(4)=XSteam('tc_pT',P/1e5,Tb); 

    k_e(4)=0.1006; 

    k_b(5) =(a2(4)+b2(4)*Tb+C2(4)*Tb^2+d2(4)*Tb^3+e2(4)*Tb^4+f2(4)*Tb^5+g2(4)*Tb^6)/1.000;% 

kW/m/K 

    

k_e(1:3)=(a2(1:3)+b2(1:3)*Te+C2(1:3)*Te^2+d2(1:3)*Te^3+e2(1:3)*Te^4+f2(1:3)*Te^5+g2(1:3)*Te^6);

% kW/m/K 

%     k_e(4)=XSteam('tc_pT',P/1e5,Te); 

    k_e(4)=0.1006; 

    k_e(5) =(a2(4)+b2(4)*Te+C2(4)*Te^2+d2(4)*Te^3+e2(4)*Te^4+f2(4)*Te^5+g2(4)*Te^6);% kW/m/K 

    %% Average thermal conductivity 

    Kavg= sum(u(1:5)/sum(u(1:5)).*k_b');  % Average thermal conductivity of gases {kW/m/K} 
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    Cp_b = R*(A+B*(Tb+Tatm)/2+C/3*(Tb^2+Tatm^2+Tb*Tatm)+D/(Tb*Tatm)); % Specific heat of gas 

species in bubble phase[KJ/KmolK] 

    Cp_e = R*(A+B*(Te+Tatm)/2+C/3*(Te^2+Tatm^2+Te*Tatm)+D/(Te*Tatm)); % Specific heat of gas 

species in emulsion phase[KJ/KmolK] 

    Cpchar=17.166+4.271*(Te/1000)-(8.79e5/Te^2);                      % Specific enthalpy of 

char [kJ/kmol/K] 

    Keq_b = exp((-Jb/(R*Tb))+ del_Ab*log(Tb)+ del_Bb/2*Tb +del_Cb/6*Tb^2+del_Db/(2*Tb^2) + Ib); 

% Equilibrium constant for bubble phase reaction 

    Keq_e= exp((-Je/(R*Te))+ del_Ae*log(Te)+ del_Be/2*Te +del_Ce/6*Te^2+del_De/(2*Te^2) + Ie);  

% Equilibrium constant for emulsion phase reaction 

    % Specific heat of silca sand in the bed obtained as follows 

    if Te>=260 && Te<=844 

        Cpsand=(166.228-36.857e-3*Te+8.9291e5*Te^-2-... 

        2095*Te^-0.5+48.706*Te^-3*((1-Te/847)^-0.08731-1))/Mwsand; 

    else 

        Cpsand=(65.277+5.5288E-3*Te-18.463e5*Te^-2)/Mwsand; 

    end 

    %% The second and frist order derivative in the system of  

    %% equation approximated as below.  

    if in== 1 

        D2uDx2(:,in)= zeros(1,14); 

        Dmbdx(1:5)= 0; 

        Dmedx(1:5)= 0; 

    else 

        DuDx_old(:,in)= DuDx; 

        D2uDx2(:,in)= (DuDx-DuDx_old(:,in-1))/dx; % Second orderd backward differencing 

approximation 

         

        Dmb_old(:,in)=Dmb; 

        Dme_old(:,in)=Dme; 

        Dmedx= (Dme-Dme_old(:,in-1)')/dx; % Frist orderd backward differencing 

        Dmbdx= (Dmb-Dmb_old(:,in-1)')/dx; % Frist orderd backward differencing 

    end 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    %% Velocity differential expression 

    dubdz=R*sum(u(1:5)*D2uDx2(12,in)+Tb*D2uDx2(1:5,in)+2*DuDx(1:5)*DuDx(12))/... 

        ((150*(1-eta_b)^2*meu_gas/(eta_b^3*dp^2))+(1.75*(1-eta_b)*2*Ub*rho_gas/(eta_b^3*dp))); 

    duedz=R*sum(u(6:10)*D2uDx2(13,in)+Te*D2uDx2(6:10,in)+2*DuDx(6:10)*DuDx(13))/... 

        ((150*(1-eta_b)^2*meu_gas/(eta_b^3*dp^2))+(1.75*(1-eta_b)*2*Ub*rho_gas/(eta_b^3*dp))); 

    v_s=(Msand/rho_sand+C_Cs/rho_char); % Solid volume [m^3] 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    %% Time derivative vector 

    C_Tb= sum(u(1:5).*Cp_b(1:5)');  % Bubble gaseous specific heat [kJ/m^3/K] 

    C_Te=sum(u(6:10).*Cp_e(1:5)')+(1-Emf)/Emf*(C_Cs*Cpchar/Mwchar+Msand*Cpsand)/V_r; % Emulsion 

gaseous specific heat [kJ/m^3/K] 

    C_Tp=C_Cs*Cpchar/Mwchar;  % Specific heat of char particle [kJ/m^3/K] 

    c = [ones(11,1);C_Tb;C_Te; C_Tp]; % Vector of time derivative 

    %% Force term vector 

    Lamd_s=0.0013+0.05*(Te/1000)+0.63*(Te/1000)^2; % [kW/m/K] 

    SBcons=5.67*10^(-11);  % Stephen boltzmann constant [kW/m^2/K^4] 

    Lamd_rg= 40.00*SBcons*0.05*Tb^3; % [kW/m^2/K] 

    Lamd_rs= 40.00*SBcons*0.85*Te^3; % [kW/m^2/K] 

    Lamd_ss= (1-eta_b)*(Lamd_rg+ Lamd_s/(Lamd_s/(dp*Lamd_rs)+1.43*(1-1.2*(1-eta_b)))); % 

Emulsion solid heat transfer coefficient [kW/m^2/K] 

    Pr_g=Cpsand*meu_gas/Lamd_ss;  % Partdl number 

    Re_g=rho_gas*dp*Ue/meu_gas;   % Reynolds number 

    Nu_s=(-0.83+16.21*eta_b-14.67*eta_b^2)*(1-0.01*Re_g^0.2*Pr_g^1/3)+... 

        (1.50-2.60*eta_b+1.31*eta_b^2)*Re_g^0.7*Pr_g^1/3; % Nusslt number 

    hs= Nu_s*Lamd_ss/dp;                      % Convective heat transfer coefficient [kW/m^2/K] 

    Sc= meu_gas/D1/rho_gas;                   % Sh...number 

    km=2.06*Ub/eta_b*Re_g^(-0.575)*Sc^(-2/3); %  

    f_Ci = ones(1,10).*[Dmb Dme]; 

    f = [reshape(f_Ci,10,1);Dsr;Kavg;Lamd_ss;C_Cs/rho_char*Lamd_ss].*DuDx; % Force term vector 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    %% Bubble phase various gas generation and consumption 

    k = ko_i.*exp(-E_i/R/Tb); % Bubble Arrhenius reaction rate constant [1/s] 

    rb(1) = C_Total*k(4)*(C_CH4b*C_H2Ob - C_COb*C_H2b^3/Keq_b(1));      % [kmol/(m3.s)], 

CH4+H2O<==>CO+3H2 

    rb(2) = 2780*exp(-1510.7/Tb)*( C_COb*C_H2Ob-C_CO2b*C_H2b/Keq_b(2)); % [kmol/(m3.s)], 

CO+H2O<==>CO2+H2 

    Rb1=rb*vi(4:5,1:5); % kmol/m3/s 
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    % Including tar rate of cracking into model 

    r_tar=10^4.98*exp(-93370/Tb)*C_tar; %[Kmol/m3.s] 

tar===>>0.01733H2+0.5633CO+0.1109CO2+0.0884CH4+0.22tar_inert 

    R_tar=r_tar*gama; 

    Rb(1)=Rb1(1)+R_tar(1)+0.5*R_tar(5); 

    Rb(2)=Rb1(2)+R_tar(2)+0.5*R_tar(5); 

    Rb(3)=Rb1(3)+R_tar(3); 

    Rb(4)=Rb1(4); 

    Rb(5)=Rb1(5)+R_tar(4); 

    %% Without including rate of tar cracking 

%     Rb=rb*vi(4:5,1:5); % kmol/m3/s 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    %% Emulsion phase various gas generation and consumption 

    k = ko_i.*exp(-E_i/R/Te); % Emulsion Arrhenius reaction rate constant [1/s] 

    re(1) = C_Total*(1/(1/km+1/k(1)))*(C_CO2e-1.0*C_COe^2/Keq_e(1));       % [kmol/(m3.s)], 

C+CO2<==>2CO 

    re(2) = C_Total*(1/(1/km+1/k(2)))*(C_H2Oe-1.0*C_COe*C_H2e/Keq_e(2));   % [kmol/(m3.s)], 

C+H2O<==>CO+H2  

    re(3) = C_Total*(1/(1/km+1/k(3)))*(C_H2e^2-1.0*C_CH4e/Keq_e(3));       % [kmol/(m3.s)], 

C+2H2<==>CH4   

    re(4) = C_Total*k(4)*(C_CH4e*C_H2Oe - C_COe*C_H2e^3/Keq_e(4));         % [kmol/(m3.s)], 

CH4+H2O<==>CO+3H2 

    re(5) = 2780*exp(-1510.7/Te)*(C_COe*C_H2Oe-C_CO2e*C_H2e/Keq_e(5));     % [kmol/(m3.s)], 

CO+H2O<==>CO2+H2 

    Re=re*vi(:,1:6); % [kmol/m3/s] 

    Rcs=6*(eta_b)/dp*Re(6)*Mwchar*Emf/(1-Emf)*(Msand/rho_sand + C_Cs/rho_char); % [kg/s] 

    Wout =1.5*C_Cs/residence_time;  % [kg/s] 

    %% Mass balance source term vector 

%     S_Ci =[Dmbdx'.*DuDx(1:5)-Ub*DuDx(1:5)-u(1:5)*dubdz-Kbe*(u(1:5)-u(6:10))+Rb';... 

%         Dmedx'.*DuDx(6:10)-Ue*DuDx(6:10)-u(6:10)*duedz+ Kbe*eta_b/(Emf*(1-eta_b))*(u(1:5)-

u(6:10))+Re(1:5)';... 

%         (M_char- Wout)-u(11)*duedz-Us*DuDx(11)+Rcs]; 

    %%%%%%%%%%%%% 

    S_Ci=[-(Ub-Dmbdx').*DuDx(1:5)-u(1:5)*dubdz-Kbe*(u(1:5)-u(6:10))+Rb';... 

        -(Ue-Dmedx').*DuDx(6:10)-u(6:10)*duedz+ Kbe*eta_b/Emf/(1-eta_b)*(u(1:5)-

u(6:10))+Re(1:5)';... 

        (M_char- Wout)-duedz*u(11)-Us*DuDx(11)+Rcs]; 

    %%%%%%%%%%%%%% 

    %% Energy source term 

    sp_heat_g_b=sum(Cp_b(1:5).*((u(1:5))'/sum(u(1:5))));   % [KJ/Kmol/K] 

    sp_heat_g_e=sum(Cp_e(1:5).*((u(6:10))'/sum(u(6:10)))); % [KJ/Kmol/K] 

    Th_gr_g_e=sum(k_e(1:5).*((u(6:10))'/sum(u(6:10))));    % [kW/m/K] 

    H_bc_b=(4.5*umf*rho_gas*sp_heat_g_b/(d_b*Avg_Molwt_gas)) + ... 

        (5.85*(rho_gas*sp_heat_g_b*Kavg/Avg_Molwt_gas)^(1/2)*g^(1/4)/d_b^(5/4));  % [kW/m3/K] 

    H_ce_b=6.78*(Emf*Th_gr_g_e*sp_heat_g_e*Ub*rho_gas/Avg_Molwt_gas/d_b^3)^0.5;   % [kW/m3/K] 

    H_be_inv = (1/H_bc_b)+(1/H_ce_b); 

    H_be = 1/H_be_inv; % [kW/m3/K] 

    h_b= Ho_f298(1:5)+Cp_b(1:5)*Tb; % Specific enthalpy of gases in bubble phase [KJ/Kmol] 

    h_e= Ho_f298(1:5)+Cp_e(1:5)*Te; % Specific enthalpy of gases in bubble phase %[KJ/Kmol] 

    h_char =Ho_f298(6)+Cpchar*Te;   % Specific enthalpy of char[KJ/Kmol] 

    h_sand= Cpsand*Te; % Specific enthalpy of sand[KJ/kg] 

    %% Time differential of species 

    dcCsdt = Dsr*D2uDx2(11,in)-u(11)*duedz-Us*DuDx(11)+M_char-Wout+Rcs; 

    dCbdt = Dmb'.*D2uDx2(1:5,in)+Dmbdx'.*DuDx(1:5)-Ub*DuDx(1:5)-u(1:5)*dubdz-... 

        Kbe*(u(1:5)-u(6:10))+Rb'; 

    dCedt = Dme'.*D2uDx2(6:10,in)+Dmedx'.*DuDx(6:10)-Ue*DuDx(6:10)-u(6:10)*duedz+... 

        Kbe*(eta_b/(Emf*(1-eta_b)))*(u(1:5)-u(6:10))+Re(1:5)'; 

    %% Bubble phase energy source term 

    S_Tb=-Tb*sum(Cp_b(1:5)'.*dCbdt)-... 

        sum(h_b'.*u(1:5))*dubdz-... 

        Ub*sum(h_b'.*DuDx(1:5))-... 

        Ub*sum(Cp_b(1:5)'.*u(1:5))*DuDx(12)+... 

        sum(h_b'.*Dmbdx'.*DuDx(1:5))+... 

        sum(Dmb'.*D2uDx2(1:5,in).*h_b')+... 

        sum(Dmb'.*(DuDx(1:5)).*Cp_b(1:5)'*DuDx(12))+... 

        sum(h_b.*Rb)-H_be*(Tb-Te); 

    %% Emulsion phase energy source term 

    S_Te=-Te*(sum(Cp_e(1:5)'.*dCedt)+... 

        ((1-Emf)/Emf)*(Cpchar*dcCsdt/Mwchar)/v_s)-... 

        sum(h_e'.*u(6:10))*duedz-... 

        -Ue*sum(h_e(1:5)'.*DuDx(6:10))-... 
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        Ue*sum(Cp_e(1:5)'.*u(6:10))*DuDx(13)+... 

        ((1-Emf)/Emf)*((C_Cs*h_char/Mwchar+Msand*h_sand)/V_r)*duedz+... 

        ((1-Emf)/Emf)*((DuDx(11)*h_char/Mwchar)/V_r)*Ue+... 

        ((1-Emf)/Emf)*((C_Cs*Cpchar/Mwchar+Msand*Cpsand)/V_r)*Ue*DuDx(13)+... 

        ((1-Emf)/Emf)*((Dsr*DuDx(11)*Cpchar/Mwchar)/V_r)*DuDx(13)+... 

        sum(h_e'.*Dmedx'.*DuDx(6:10))+... 

        sum(h_e(1:5)'.*Dme'.*D2uDx2(6:10,in))+... 

        sum(Dme'.*(DuDx(6:10)).*Cp_e(1:5)'*DuDx(13))+... 

        ((1-Emf)/Emf)*(Dsr.*D2uDx2(11,in).*h_char/Mwchar/V_r)+... 

        sum(h_e.*Re(1:5))+... 

        (1/(Emf*V_r))*Rcs*h_char/Mwchar+... 

        (eta_b/((1-eta_b)*Emf))*H_be*(Te-Tb); 

    %% Char phase energy source term 

    S_Tc=-Tp*Cpchar/Mwchar*dcCsdt-(C_Cs*h_char/Mwchar+0*Msand*h_sand)*duedz-... 

        Us*h_char/Mwchar*DuDx(11)-Us*C_Cs*Cpchar/Mwchar*DuDx(14)+... 

        Dsr*h_char/Mwchar*D2uDx2(11,in)+Dsr*Cpchar/Mwchar*DuDx(11)*DuDx(14)+... 

        A_cs*(hs*(Tb-Tp)+SBcons*eta_rad*(Tb^4-Tp^4))-... 

        Rcs*h_char/Mwchar;     

    s = [reshape(S_Ci,11,1);S_Tb;S_Te;S_Tc]; 

    in = in+1; 

end 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Defining initial condition 

function Init = icfun(x) 

    d_b= dbm-(dbm-db0)*exp(-0.3*x/Dt);          % Bubble diameter at different bed height [m] 

    Ub=ug-umf+0.711*(g*d_b)^0.5;                % Bubble Velocity [m/s] 

    eta_b= (ug-umf)/(Ub-umf);                   % Bubble volume fraction 

    Init=[eta_b*Ci (1-eta_b)*Ci M_char T T T]'; % Initial boundary conditions 

end 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% defining boundary Conditions 

function[pl,ql,pr,qr]=bcfun(xl,cl,~,~,~)  % [pl,ql,pr,qr]=bcfun(xl,cl,xr,cr,t) 

    d_b= dbm-(dbm-db0)*exp(-0.3*xl/Dt);      % Bubble Diameter at different bed height [m] 

    Ub=ug-umf+0.711*(g*d_b)^0.5;             % Bubble Velocity [m/s] 

    eta_b= (ug-umf)/(Ub-umf);                % Bubble volume fraction 

    Ue = umf/(1-eta_b);                      % Emulsion phase gas velocity [m/s] 

    pl=(cl(1:14)'-[(eta_b)*Ci (1-eta_b)*Ci M_char*64 T T T])';  

    ql=[-(eta_b)*Dmb/Ub -(1-eta_b)*Dme/Ue -Dsr/Us 0 0 0]'; 

    pr=zeros(14,1); 

    qr=ones(14,1); 

end 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Diffusion of gaseous mixure (binary diffusion) 

function Diff= diffusion(Ci,T) 

    sigmaV = [7.07 18.9 26.9 12.7 24.4]; 

    % H2,CO,CO2,H2O,CH4 

    Mw = [2 28 44 18 16 ]; 

    DAB=zeros(5,5); 

    Diff=zeros(1,5); 

    for Ai = 1:5 

        for Bi = 1:5 

            DAB(Ai,Bi) = 1e-7*T^1.75*(1/Mw(Ai)+1/Mw(Bi))^0.5/... 

                ((P/101325)*(sigmaV(Ai)^(1/3)+sigmaV(Bi)^(1/3))^2); 

        end 

    end 

    Dnom(1:5)=0; 

    C_tot=sum(Ci); 

    for Ai = 1:5 

        for Bi = 1:5 

            if Ci(Ai)~= 1 

                Dnom(Bi)=((Ci(Bi)/C_tot)*(1/DAB(Ai,Bi))); 

            else 

                Diff(Ai)=0; 

            end 

            Diff(Ai)=(1-(Ci(Ai)/C_tot))/(sum(Dnom(:))-... 

                ((Ci(Ai)/C_tot)*(1/DAB(Ai,Ai)))); 

        end 

    end 

end 

%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

%% Pyrolysis of biomass 
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function [dpyro] = initialpyrolysis(~,f) %(t,z) 

    Tpyrolysis=T; 

    % R=8.3145; 

    % Taken from "Modeling chemical and physical processes of wood and 

    % biomass pyrolysis ",Progress in Energy and Combustion 

    % Science 34 (2008) 47–90, Colomba Di Blasi. 

    % Reaction Schema for devolatilization of wood by proposed by  

    % Colomba Di Blasi 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    %             k_1 

    %       |---------------> gas 

    %       |                ^ 

    %       |                |k_4 

    %       |     k_2        | 

    % Biomass ----------------> tar 

    %       |                | 

    %       |                |k_5 

    %       |     k_3        | 

    %       |------------->char 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    % Rxn 1,2,3,4,5 based on Colomba Di Blasi. 

    % k_j=k_0j exp(-E_Aj/((RT) )) 

    % k_0 is pre-exponential factor of the reaction 

    % E_A is activation energy of the reaction in (J(mol)^(-1) ) 

    % R is the universal gas constant, in (J(mol)^(-1) K^(-1) ) 

    % T is the operating temperature, in (K) 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    % k_oj(1/s)          E_Aj(J/mole)        

    ko1=1.30e8;         E_A1=140000;       

    ko2=2.00e8;         E_A2=133000;        

    ko3=1.08e7;         E_A3=121000;        

    ko4=3.09e6;         E_A4=108000;         

    ko5=1.48e6;         E_A5=144000;    

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%   

    k1=ko1*exp(-E_A1/(R*Tpyrolysis)); 

    k2=ko2*exp(-E_A2/(R*Tpyrolysis)); 

    k3=ko3*exp(-E_A3/(R*Tpyrolysis)); 

    k4=ko4*exp(-E_A4/(R*Tpyrolysis)); 

    k5=ko5*exp(-E_A5/(R*Tpyrolysis)); 

    %%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%%% 

    dM_biomass = -(k1+k2+k3)*f(1); 

    dM_char = (k3*f(1))+(k5*f(3)); 

    dM_tar = (k2*f(1))-((k4*f(3))+(k5*f(3))); 

    dM_gas = (k1*f(1))+(k4*f(3)); 

    dpyro = [dM_biomass; dM_gas; dM_tar; dM_char]; 

end 

end 
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